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Abstract

Liquid tanks are quite common devices in refinery industry. A cascade control is ordinarily used
to control the level in tanks, however, it controls only separate tank and it does not take
interactions between tanks into account. When it is necessary to coordinate control between
tanks, Advanced Process Control (APC) is suitable to implement. APC is multivariable control,
so it can treat the whole system of tanks as one complex system. The aim was to propose and
implement APC control for tanks system at BCDU6 unit in Slovnaft Plc, to mitigate fluctuations
in output flow from the system.

The first part of this work deals with mathematical modeling and basic control of the given tanks
system in Matlab-Simulink. In the second part, we are implementing the APC controller, which
controls the given tank system in BCDUG6 unit. We use Honeywell software Profit Suite in this
step.

Key words: Honeywell; APC controller; liquid tanks



Abstrakt

Zasobniky kvapaliny st beznou sti€astou rafinérskych zariadeni. Na riadenie vysky hladiny sa
zvycCajne pouziva kaskadova regulécia, ktora vSak riadi iba jeden konkrétny zdsobnik a neberie
do uvahy interakcie s ostatnymi zasobnikmi. Ak chceme koordinovat’ riadenie medzi viacerymi
zasobnikmi, je vhodné pouzit’ Advanced Process Control (APC) riadenie. APC je viacrozmerové
riadenie, takze nam umoznuje riadit’ systém zasobnikov ako jeden celok. Cielom prace bolo
navrhnat’ a implementovat’ APC riadenie pre systém zasobnikov na prevadzke AVD6 v Slovnaft
a.s., ktoré bude ¢im viac tlmit’ vykyvy na vystupnom prietoku z riadeného systému.

Praca sa v prvej Casti zaobera matematickym modelovanim a zakladnym riadenim zasobnikov
v Matlabe - Simulinku. V druhej ¢asti implementujeme a vyhodnotime APC regulator, ktorym
riadime sustavu troch zasobnikov na prevadzke AVD6. Pouzivame pritom software Profit Suite

od spolo¢nosti Honeywell.

Kracové slova: Honeywell; APC regulator; zasobniky kvapaliny
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Introduction

Liquid tanks are common devices used in all chemical industry. We focus on petrochemical
industry, specifically on Bratislava refinery Slovnaft Plc. There is a production unit called
Bratislava Crude Distillation Unit 6 (BCDU6). BCDU6 contains atmospheric and vacuum
distillation parts. Among the vessels in atmospheric part, there are three horizontal cylindrical
tanks (T1, T2, T3), which are subject of our work. Outputs from tanks T1 and T2 are routed into
T3, which is a feed buffer for a redistillation column. Unfortunately, output flows fromT1 and T2
fluctuate, especially the second one. This fact causes fluctuation of T3 feed flow to
the redistillation column. This disturbs heavily operation in the column. Our aim is to decrease
the feed fluctuation as possible.

The first part of this work deals with the synthesis of a mathematical model of treated
tanks, which is necessary for controller design. We have three horizontal cylindrical tanks with
same construction but different parameters. This part also provides verification of derived model
in MATLAB — Simulink. There were designed several types of control systems including
averaging level control, the percentage of working volume control and controller with gain
scheduling. We also reproduced Slovnaft cascade control.

The second part is about APC controller design. At first, we need to define variables and
design model matrix of our sub — processes. Data for identification were prepared in MATLAB
and then exported to Profit Design Studio. After identification, we started with controller
implementation in Profit Suite Runtime Studio. Instead of raw level control, we used a percentage
of working volume for control. Designed controller has been switched on in Slovnaft and some

another improvement were done.

17



1 Bratislava Crude Distillation Unit 6

The first step in crude processing in an oil refinery is distillation. Distillation separates crude oil
to several fractions. It is physical process based on different boiling temperatures of desired
fractions. It means that hydrocarbons already present in crude are separated and no chemical
changes are intended. Its products do not satisfy requirements for final products and various
refinery units treat them. Slovnaft refinery has two crude oil distillation units — BADUS and
BCDUES6. Since our work is oriented on BCDU6, we will deal only with this one in following parts

of work.

Technology Description

Since BCDUG6 technology is quite complex, we will focus only on control systems and its
upstream processes. The first step in crude distillation is desalination. Oil is preheated in a heat
exchange system and mixed with wash water. Water is added to dissolve the salts and clear out
mechanical impurities. A mixture of oil and water enters desalter tanks, where hydrocarbons and
water are separated.

Desalted crude oil is preheated and enters preflash column. The main task of preflash
column is to separate the lightest hydrocarbon fractions from oil and thus unload atmospheric
furnace and column. C1 overhead product is called preflash heavy naphtha. Bottom product of C1
is called preflash crude oil. Preflashed crude oil is transferred to the atmospheric column where
oil is divided to atmospheric heavy naphtha, kerosene, light gas oil, heavy gas oil and
atmospheric residue. Preflash and atmospheric heavy naphtha are mixed in T3 tank. Heavy
naphtha from T3 is redistilled in redistillation column C4.

With a basic knowledge of related technology, we can focus on control system. At first,

we will explain basic principles and terminology of basic automatic control.
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1.1 Automatic Control

Process control involves manipulation of process variables to some desired value. Many of
process variables are dependent on another variable but they are controlled independently. We
know two objectives in control systems:
1. In a case of set point change, the control system has to achieve new set point with the
process variable.
2. [Ifthere is any disturbance in the system, the control system has to reject this disturbance
and maintain process variable on the set point.
Most common type of control system is a feedback control loop (Fig. 1). A process deviation
must occur in order for a control action to be made. The controller is a brain of the control loop
which receives the value of process variable from measurement from the process. This value
compares with the set point and calculates the error. Then controller sends a signal to a final

control device.

MEASUREMENT
SP

PROCESS —> TRANSMITTER v, CONTROLLER
MV

FINAL CONTROL DEVICE

Fig. 1. Feedback control loop.

PID controllers are used to reacting to process changes automatically. They should bring process
variable back to steady state after some deviation occurs. PID contains three parts:

e Proportional (P)

e Integral (I)

e Derivative (D)

Honeywell uses an ideal form of PID controllers:

t

=K. ! d Tde 1
u@ = Ke-[e@ + [ede+ T4 (0

1
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A better solution to decrease the impact of disturbances is to use cascade control. Usually, there
are two controllers. First of them (master) controls main process variable like temperature and
calculates a setpoint for the secondary controller (slave) which controls manipulated variable like
the flow of steam (Fig. 2). Secondary controller is usually P controller and it should be faster than

the master controller to deal with the disturbances (BakoSova, Fikar, 2012).

MASTER

Fig. 2. Cascade control of distillation column.
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1.2 C4 Feed Control

We have three handlers to affect C4 feed: C1 head control, C2 head control and T3 control

as shown in Fig. 3. In following parts, we will describe all handlers more closely.

e
,,,,,, T1 Q@ :
,,,,, < |
|
— a deo7o§ :
—————— |
Y
iy
(v D
T
|
|
oY - e _ [
NEPY I Ni2s/ __: ,,,,,,
,,,,, . |
| 4‘—%—» ca
—» C2 de114§ : 777777
—————— |
—
—

Fig. 3. C4 feed control.

C1 heavy naphtha:

Cooled heavy naphtha with gases from preflash column enters to reflux tank T1. Gases which are
not condensed are routed into refinery gas storage. Reflux tank - T1 separates water from heavy
naphtha by built partition (see Chapter 2). Separated water flows through valve LV070 to
a chemical canalization automatically. Heavy naphtha from T1 to T3 is controlled by T1 heavy
naphtha level controller LC068. This stream flow is measured by FI076. The flow of the second
stream of heavy naphtha — C1 reflux, is controlled by C1 reflux controller FC051 in a cascade

from TCO052 (temperature on the head of the column)

C2 heavy naphtha:
Cooled mixture of heavy naphtha and water from atmospheric column C2 enters tank T2 where

water is separated and flows through valve LV 114 to the chemical canalization. Heavy naphtha
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from T2 to T3 is controlled by T2 heavy naphtha level controller LC112 controller and measured
by FT118.

T3 control:

Heavy naphthas from preflash and atmospheric columns are mixed in tank T3. A mixture of
heavy naphtha (feed to C4) is controlled by flow controller FC128 in a cascade from T3 heavy
naphtha level controller LC124. Heavy naphtha from T3 goes through exchangers to redistillation
column C4 on 27th tray. Products from C4 column are a gas to low pressure gas storage, C5/C6

fraction, light heavy naphtha and heavy naphtha.

C4 feed control issues:

Heavy naphtha flow from T2 to T3 oscillates significantly, for reasons which cannot be resolved.
Due to the current control setup, these fluctuations are transferred downstream to the C4 column.
Fluctuation of feed flow to C4 column causes fluctuation of temperature, which has a negative
impact on quality of heavy naphtha. See Fig. 4, where the blue line is feed flow (t/h) and the red
line is temperature on 24th tray (°C). The purpose of this work will be to propose and implement

control system to mitigate given fluctuations.

57.6

Tagname
57.4 | |mvD.FC128.FV
AvD.TC228.PV

57.2

57

56.8 M

56.6

T T T T T T T T T T T T
11:00:00  12:00:00 1:00:00 2:00:00 3:00:00 4:00:00 5:00:00 6:00:00 7:00:00 8:00:00 S:00:00 10:00:00

11/27/2016 10:17:13 PM 11/28/2016 10:17:13 AM

Fig. 4. Fluctuations of feed and temperature.
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2 Modeling of the Tank System

All three tanks (T1, T2and T3) have a similar construction. The difference is only between
construction parameters values. In Fig. 5 we can see the scheme of the horizontal tank.
Construction parameters are in the table below. The tank has rounded ends, but we omitted this

for simplification.

N _

|

»l
»

|
|
[
|
|
|
|
|
|
|
|
|
|
|
|
|
|
|
|
|
|
[
|
|
|
|
|
|
|
|
[
|
b — b ——
|
|
|
I

Fig. 5. Tank scheme.

In a table below there are values of construction parameters for T3:

Table 1. Tank parameters.

Parameter Description Value | Unit

L the length of the tank 5.803 m
Lw the length of water side 3.375 m
L, the length of heavy naphtha side | 2.428 | m

r the radius of the tank 1.184 | m
hy the height of the barrier 1.400 | m
ho height of 0% level indication 0.675 m
hioo height of 100% level indication | 1.725 m
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2.1 Derivation of Model

We need more parameters to derive a model:

Table 2. Model parameters.

Parameter Description Unit
Qin (1) input flow to tank m’/h
Qout(t) output flow from the tank m’/h

h (t) the height of level in the tank m

p density t/m

1, (t) input mass flow to tank t/h

Mgy (1) output mass flow from the tank | t/h

Mass balance:

{input flow to tank} = {output flow from tank} + {accumulation of liquid in tank}
dv

Gin = Gout + E 2)
The volume of the tank depends on the height of level and the level varies with time. We can
write:
dv (h(t))
T dt = qin(t) — Gout(t) €)

with initial condition h(0) = h®.
Instead of volumetric flows we rather use mass flows:
dh(t) My (t) — Mgy (t)

ac av(h) “4)
dh

The volume of the horizontal tank can be calculated as (King, 2011):

V= [rzcos‘1 (ﬂ> - (r— h)\/m] L (5)

r

Finally, we have a mathematic model:

dh(t) Tt (t) = Migue(t)
dt  2LJ=h(h—2r)p

(6)

This calculation assumes a nonlinear relationship between volume and level indication. We

explain this argument in a small experiment. Let’s say h(0) = 0 m and input mass flow m;, =5
24



t/h. There is no output flow. After circa 2.4 hours the tank will be fully filled, which can be seen

in Fig. 6. Increasing of level in time is nonlinear.

2 - -
E
E 15 B -
>
o
Y
o
£ 17 T
2
T
A Level |
05 7
___ho
—— ~hi
0 1 1 1 1
0 0.5 1 1.5 2

Time [h]
Fig. 6. Nonlinear behavior of level indication.

Nonlinear behavior is partially removed by the location of measuring sensors of the level. As can

be seen in Fig. 6, main nonlinearity is not measured, it occurs under and over level indicators.
There is another way to remove nonlinearity. Instead of the height of the level, we can

use a percentage of working volume for control level. We need to calculate total measured and

usable volume of the tank. For better illustration, all necessary volumes are shown in Fig. 7.
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—-y_ _

) |

Fig. 7. Volumes to calculate.

Firstly we calculate Vo, (King, 2011):

r—h
Vog = [rzcos_l( " 0) —(r—hy) /Zrho - hoz] Lg 7

The volume of water side is constant:

V, = [rzcos_1 (r _rhb> —(r—hy) /Zrhb - hbz] Ly, (8)

The working volume will be:

r—h ’
V= [rZCOS_l ( " 100) - (T - thO) 2Th100 - hlooz] L— Vo'g - VW (9)

Current measured volume Vi, in the tank which varies with time we calculate using equation (9),

but there are some changing parameters because of built barrier:

If h<hy

Vi = [r2c05'1 (ﬂ) — (r—h)y2rh - hz] Ly—"Vog (10)

r

Else

Vi = [rzcos‘1 (ﬂ) - (r— h)\/m] L—=Vog—Vy (11)

r
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Percentage of working volume we calculate as follow:

Vin
100> 12
v (12)

Fig. 8 describes the linear behavior of increasing percentage of working volume.

N
(€1
o
T
I

10— —————————————— = — —— — — — — —1

Percentage of working volume [%]

50 .
vV IV
m
o-—-——~"~ — — — — ___ho L
___h1oo
0 0.5 1 15 2

Time [h]

Fig. 8. Linear behavior of percentage of working volume.

2.2 Model Validation

Validation checks the accuracy of the model’s representation of the real system. In our case, we
used data from Slovnaft to check the validity of our system. We used given input and output flows
and checked the height of level in T3. Level obtained from the model was compared with given

level from Slovnaft.
Ideally, input to tank is equal to output from tank

mout = min,l + min,z (13)

but data from Slovnaft do not satisfy the equation (13) as can be seen in Fig. 9.
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Fig. 9. Input and output flow comparison.

Based on process data, this is caused by a proportional error on sensors of mass flow of output
from T1 and T2, which sum is input to T3. By using input presented above (1, ; + My, »), the T3
is filled in a few minutes, because input is always bigger than output.

If our input and output mass flows should be equal, we need to multiply outputs flows

from T1 and T2 by constants calculated by regression of process data:

Migue = Min 1 1.0303 + 1y, , - 0.8846 (14)

After this correction output is approximately the same as input (Fig. 10).
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Fig. 10. Input and output flow comparison after correction.
Now we can validate our model by comparing level from the model and from Slovnaft data,

which is shown in Fig. 11. We succeeded with type of oscillations but it is unstable process,

so every small change can lead to divergence as you can see in Fig. 11 until 15th hour or from

53rd hour.
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Fig. 11. Model and Slovnaft level comparison.
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3 Slovnatt Control System

In order to compare our proposals with the current solution, we created a simulation of the current

control system. Slovnaft uses cascade structure to control level in T3 as is shown in Fig. 12.

Process

SPyatveros] Uyalv th[%]

SPh[%]
I GS

Valve Tank

T T !

Fig. 12. Cascade control in Slovnaft

e —__
=
=
o

Both controllers work with sampling time of 15 seconds and have following structure:

C(z) = K-(l+%%) (15)

with parameters:

Table 3. PID parameters.
LC124 | FC128

K 0.400 | 0.476

Ti[min] | 80.00 | 1.35

Ts [s] 15 15

Primary controller LC124 controls the height of level in T3 by calculating setpoint for secondary
controller. In DCS this controller calculates output (OP) in the range 0-100%, but output flow is
in the range 0-80 t/h. There are two options how to handle this fact. We can implement

the conversion of OP in Simulink scheme, or we can divide K by process gain correction:

100
correction = 50 = 1.25 (16)

This controller contains gain scheduling, which means it has two zones — fast and slow zone.

The slow zone is defined 10% over and 15% under the setpoint where controller gain is
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multiplied by factor 0.7. Gain scheduling has been achieved in Simulink using ,,IF* block. Fig. 13

shows, how controller switches between proportional gains.

Error [%]

-0.25 7

Proportional gain K

_0-35 1 1 1 1 1
0 10 20 30 40 50 60

Time [h]

Fig. 13. Gain scheduling.

The secondary controller FC128 controls output flow by operating with a valve on output from
T3. Setpoint for this controller generates primary controller. Performance under PID controller

with Slovnaft parameters is shown in Fig. 14.
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Fig. 14. Model and Slovnaft PID control performance.
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Fig. 15. Detail of control performance.
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4 Level Control

The aim of this section of work is to design a controller which minimizes oscillations of
the output flow from T3. In this chapter, we will try to propose such controller in the traditional
way, ie. not using APC. There are two methods to design level controllers, tight and averaging
level control. Tight control is for situations when it is more important to hold the level close to
setpoint than maintaining a steadily manipulated flow. We use the second method, averaging
control when it is more important to keep manipulated flow as steady as possible. This can be

achieved by using all working volume of the tank without violating level alarms.

4.1 Parameters for Controller Design

The first step is to determine some necessary parameters as shown in Fig. 16.

K
S T e F—
- —_—_—_—— e ——— —— — {— 1 LLA

0% I

Fig. 16. Parameters for controller design.

Working volume (V) was determined in Chapter 2.1. Normally expected flow disturbance (f) can
be obtained from historical data. This disturbance is shown for example in Fig. 14. The smaller
value of f should be chosen when all capacity of the tank is not used. To define how much of tank
capacity can be used, we need parameter d which is a maximal deviation from setpoint to low and
high-level alarm. The last parameter is F, defined as maximum output flow. All parameters are
in Table 4 below.
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Table 4. Parameters for controller design.

Parameter | Value | Unit

f 2.500 | t/h
v 6.072 | m?
SP 5750 | %

LHA 75.00 | %

LLA 40.00 | %

d 1750 | %

F 80.00 | t/h

4.2 Averaging Level Control

We calculate the smallest possible controller gain (King, 2011):

~_ 1oof 17)
min — Fd

As can be seen in Fig. 17, the level does not activate alarms. It was only one model disturbance,
but we need return level to SP considering the next disturbance. For this case, we add integral
action and modify controller gain as (18)

80f vd

K =—, T. = 18
¢ Fd ' 12.5f (18)
Controller uses parallel form:
C(z) =K, +K°TS !
7)) =
C T oz—1 (19)

Input flow was increased as a step change. Manipulated flow was increased as slowly as possible
and it took about 2 hours. Fig. 18 shows the performance of averaging control with designed

controller.
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Fig. 18. Averaging level control.
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For better control performance, controller parameters were tuned. Both, calculated and tuned

constants are in Table 5,

Table 5. Calculated and tuned controller constant.
Constant | Calculated | Tuned

P -0.14 -0.08

I -0.04 -0.10

where P = K.and I = K /Ti.

As can be seen in Fig. 19 manipulated flow oscillates less using averaging control than using

cascade in Slovnaft.
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Fig. 19. Averaging control with real data.
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4.3 Averaging Control with Gain Scheduling

In this section, we control level in T3 using a controller with gain scheduling. The first step was

the design of discrete PI controller in the form:

1
) =P (141 T,—

with parameters:

Table 6. Designed PI controller.

-1

Constant | Value
P -0.03
I -2.00

)

(20)

We have same two zones like in Slovnaft control system. The slow zone is defined 10% over and

15% under the setpoint where controller gain is multiplied by factor K.

Level control with several values of constant K can be seen in Fig. 20.
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Fig. 20. Averaging level control with gain scheduling performance.
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Detail of control performance:
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Fig. 21. Detail of control performance.
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5 Percentage of Working Volume

Control

This chapter is focused on the percentage of working volume control described in 2.1. Requested
height of level in the tank is recalculated on the percentage of working volume of the tank and this
is setpoint for the controller. At first, we tried it using Slovnaft control scheme. Results are in Fig.

22 and Fig. 23.
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Fig. 22. The performance of percentage of working volume control — Slovnaft.
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Fig. 23. Detail of control performance.

We also used designed averaging controller from chapter 4.2 and controlled percentage of
working volume. By comparing level control and percentage of working volume control we can
see that there are only minimal improvements using second mentioned method. The reason is
simple. Main nonlinearity which occurred in level indication was removed by level sensors
placement. Comparison of these two methods is in Fig. 24 and Fig. 25. A varying percentage of

working volume is in Fig. 26.
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Fig. 24. The performance of percentage of working volume control — averaging control.
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Fig. 26. Percentage of working volume.

To compare which method gives us the smallest oscillation of output flow from T3, we calculated

the sum of squares:

K
> Cgou = refi)? @1
i=1

where ref is reference curve vector shown in Fig. 27 and K is a number of elements of reference
curve. Calculated values are in Table 7 below. Using averaging level control was a significant
improvement against Slovnaft controllers. Little improvement has been achieved using

percentage of volume instead of level.

Table 7. Control methods comparison.

Control method Sum of squares
Slovnaft controllers 9684
Averaging control - level 2212
Averaging control — percentage of volume 1749
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6 Advanced Process Control - RMPCT

Advanced process control (APC) is a wide range of techniques implemented in industrial process
control systems. One of them is multivariable model predictive control. Honeywell has
developed his own application for control of multi-input, multi-output interactive industrial
processes called Robust Multivariable Predictive Control Technology (RMPCT). (Honeywell,
01/2012)

Profit controller (RMPCT) provides control and optimization subject to time varying
constraints. This controller contains a dynamic model of the process from which it predicts future
behavior and determines, how controller’s outputs should look like to achieve setpoints of all
process variables. Sometimes it is sufficient when process variables are within constraints.
RMPCT can achieve good control results even though there are errors in the process model.

(Honeywell, 10/2012)

6.1 Controller Variables

We know three types of variables which uses Profit controller to control the system:

e Controlled Variables (CVs): controller tries to keep these variables on a setpoint or
within a range, but in both cases, the constraints have to be satisfied.

e  Manipulated Variables (MVs): these variables are changed by the controller to
achieve required results with CVs. Of course, all MVs can be changed only within
constraints.

e Disturbance Variables (DVs): these variables are measured, but they are not
controlled. They may come from upstream processes and affect CVs. Prediction of the

effects of DVs on CVs can help keep CVs within constraints. (Honeywell, 10/2012)

Using a SISO controller there is only one CV and one MV. The controller looks only at one loop
and does not care about other loops in a system. With RMPCT there are multiple MVs and
multiple CVs. The controller views all variables together as a system and considers effects of all

interactions between MVs and CVs.
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6.2 Models

Model of the system that uses Profit Controller is built from dynamic sub-processes models
which contain information about behavior between independent variables MVs, DVs and CVs.
Sub-process models are null when there is no physical connection between MV or DV and CV.
Profit controller (RMPCT) uses a generic form of sub-process model, which contains a
number of coefficients whose values we need to find to identify the model. We want to achieve

predicted responses as close as possible to actual process responses.

6.3 Objective Function

To keep CVs on a setpoint or within a range, we need sufficient degrees of freedom. Degrees of
freedom is a number of MVs which are not at a limit minus number of CVs which have setpoints
or which are out of the limits. If the number of degree of freedom is positive or zero, all
constraints of CVs can be satisfied. If the number is negative it is impossible to achieve CV's
setpoint or keep CVs within a range.

There are some cases when we have more CVs than MVs and it is possible to achieve
setpoints or keep CVs within the range. In these cases, it should be there a sufficient number of
CVs which have only a range instead of the setpoint. (Honeywell, 01/2012)

As an objective function, we consider the linear or quadratic function of any CVs and

MVs or of all of them.

General form:
minJ = Z b; - CV; + Z a? - (cv; - cv,)° +Z b; - MV; + Z a2 - (Mv, — Mv,,)*  (22)
i i J J

where:
b is the linear coefficient
a is the quadratic coefficient
index i belongs to the CVs
index j belongs to the MVs
CV0, MVO0 are the desired values

In our case, we consider only quadratic function, because we have setpoint. In the case of control

between limits, we would use the linear function.
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7 Identification and Controller Design

The major aim of this thesis was to propose and implement APC which will coordinate flows and
levels in given tanks systems in order to mitigate redistillation column feed fluctuations.

Following chapters describe steps of implementation of given APC and its evaluation.

7.1 Data Preparation

For the identification of tanks system using Honeywell Profit Design Studio, we need to get
model data from step responses. These step responses were obtained from Matlab — Simulink
simulations. Before running any simulation or identification we need to classify variables to

controlled, manipulated and disturbance variables as you can see in Fig. 28.

Cvil

LCO68.PV MV1

LCO68.0P
=

CV2

T2
DV1 LC124.PV MV2

FT118.PV FC128.5P
= — >

Fig. 28. Classification of variables for APC.

We have two controlled variables (CVs) — percentage of working volume in T1 and T3, two
manipulated variables (MVs) — valve opening from T1 and output flow from T3 and one
disturbance variable (DV) — output flow from T2. Last mentioned disturbance variable can not be
manipulated variable because the valve is sticking. We use a percentage of working volume CVs
instead of raw levels, since this ensures us linear model between MVs and level CVs. Instead of

measured output flow from T1, we use a percentage of opening of the valve. Between valve
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opening and flow through there is a linear relationship calculated from LC068.0OP vs FI076.PV
process data:

Output flow = 0.52*Percentage of opening

After classification of variables, we can achieve step responses. Since the percentage of
working volume (CVs) have linear models to our MVs and we had all necessary data, we could
calculate responses and models theoretically. However in order not to skip Profit Suite
identification we decided to use Matlab-Simulink simulation to get steptest data.

The time period for step responses data is one minute. Step responses were made
in respect to not violating alarms in the tank. Results are shown in Fig. 29. We made steps up and

down due to unstable process. The process will not stabilise by itself after one step change.

- 80 T T T T T
S0t [ L j
< 60
40 1 1 1 1 1
0 1 2 3 4 5 6
40 T T T T T
> L
= 30
20 1 1 1 1 1
0 1 2 3 4 5 6
N 70 T T T T T
E S
< 60
50 1 1 1 1 1
0 1 2 3 4 5 6
60 T T T T T
> L ]
590N
20 1 1 1 1 1
0 1 2 3 4 5 6
~ 60 | T T T
S s =
o 40
20 1 1 1 1 1
0 1 2 3 4 5 6

Time [h]

Fig. 29. Step responses.

The data were given into Excel template in the form shown below.
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A B C D E F G

1 Date Time LCO68.PV/Var/CVv/T1 level/% T3 level /% ut flow/% low/TpHR »w/TpHR
2 |11/03/2016 5:00:00 34,92410125 42,2461 57,69231 60 30,00
3 [11/03/2016 5:01:00 34,92 42,25 57,69 60,00 30,00
4 |11/03/2016 5:02:00 34,92 42,25 57,69 60,00 30,00
5 |11/03/2016 5:03:00 34,92 42,25 57,69 60,00 30,00
6 |11/03/2016 5:04:00 34,92 42,25 57,69 60,00 30,00

Fig. 30. Data preparation for PDS.

7.2 Identification

Now we can identify system using Honeywell Profit Design Studio (PDS). We open the PDS and
choose File => New => Model Dev. File (Fig. 31).

*** Honeywell Profit Design Studio

File Miew Tools Help

AEH BB & 22 EE

Optimizer Madel File Cancel
SensorPro Dev File

SensorProEED Dev File ;I Help |

Fig. 31. Creating anew model.

Mark all data in created Excel file including headings and select Data operations => Paste from

clipboard. After this, we can see the window shown below (Fig. 32).
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Fig. 32. Data imported in PDS.

The output from identification is a CVs - MVs/DVs model matrix. We use Finite impulse
response (FIR). FIR step response models are obtained by integrating the finite impulse response
coefficients. These models represent the response of a dependent variable (CV) to a step change
made to an independent variable (MV or DV).Select Identify => Set Overall Options and mark
Finite Impulse Response (FIR). In this window, we can also specify the number of trials.
The trials are partial models in case if we need only a part of all dynamic. For better illustration

see Fig. 33 from another process identification.
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Fig. 33. Trials.

The number of the trials is a number of continuous models for one given CV — MV/DV pair.

In our case, we chose three trials with parameters shown in Fig. 34.

To configure FIR select FIR Setup. Using drop-down list box we can configure

maximal settling time for each trial. We can also define a number of coefficients to represent the

curvature of the step response curve.

Selecting the Options button will display more options. All displayed parameters we

leave as default except one. Deselect Penalize Oscillations.

50



overall Model Setup x|
T
—Data Rate # Trial 5pecification

Scan Fate =1 min. Murnber of Trials = ﬂ

— Fully Autornated Clozed andfor Open-Loop IDD————————— M |

ﬁ Ltde Global Multi-Stage tethod with Bandpass

— Model Characternistics

Max Seftle T = Ijl ﬂ e,

— MIMO Discrete Model Specification # Coefficiants = ﬂ
¥ Finite Impulze Respanse [FIR) FIR Setup... |

Prediction Emrar Model [PE M)

= PEM [#ubo Setup - Order overide) ﬂ Compression Riatio =2
Trial Selection = ITriaI1 'l
" PEM Detailed Model Selection PER Setup... | fISl S EEEHEn

Trial 1

Cancel | Trial 3

opera Filkering and Automated Order Reduction

Dizcrete Model Rate = 2 min.

Initial Conditone———————  — Model Form
~
Steady at ztart only & Postional
™ Steady at stat/MaM breaks _
(% Unsteady = Welocity
Cancel (] O ptiohz. .

Fig. 34. Overall parameters.

After setting overall options the identification can begin. Select Identify => Fit FIR/PEM/CLid
Models. Double click on sub-process will open dialog box Options per Submodel (Fig. 35). If
there is no physical way, how independent variable — MV/DV can affect CV, mark Null

Sub-Process. In all other sub-process, we mark Integrating Sub-Process.
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Fig. 35. Fit FIR/PEM/CLid Models.

After setting all necessary options we can select Fit FIR (Fig. 36). It can be seen all three trials

for every sub-process.

*** Honeywell Profit Design Studio - [ModDev1.mdl] [Fit FIR; x|al x|
=

oﬁle Edit Insert DatsOperations View Identify Buld Tools Preference Window Help 3 | x|
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~ =% |Step Responses LI:IJBB A28 P Set fiverall opiions |
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: : : St Options per Submods!

: Set Options per MY/DV ...

Exclude Data Rangss

Fit FIR: Gitap Fitting

i) [} ] 12 Ext !

C¥2 -
LC124

Fig. 36. Fitted FIR.

Select View => Model summary, mark all models and click Edit => User2Final.
Select Identify => Fit Parametric Models and mark Laplace method (Fig. 37). By clicking on
sub-process we can select final trial and edit identified transfer function. Finally, we have

identified model matrix of tanks system (Fig. 38).
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Settle T = 16.0
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0.141 FIR Form = Pos
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1
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Fig. 38. Final trials.

We can illustrate how accurate is our identification by comparing measured CVs with predicted

CVs from identified models: Identify => Select Final Trials, enable Store Predictions and

select Plot Predictions. The result is in Fig. 39.
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Fig. 39. CVs predictions.

The red line represents measured step responses and the green line is predicted step responses.

As it was mentioned before, it was possible to get models theoretically. Since models are linear
and we know capacity of the tank, slope of the integrator is easily calculated as the ratio of step
change per minute to the capacity of the tank. Models obtained by calculation and by
identification were in coincidence, so based on this and prediction check we can consider, that

models were identified correctly.
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7.3 Building Controller

Next step is building the controller. At first, we need to build Unified Real Time Platform (URT
Platform). This platform serves to implement real-time APC applications. In PDS we choose
View => Model Summary, mark all models and select Edit => User2Final. Now we can start
with the controller: Build => Controller. It is necessary to generate all setting files choosing
options shown in Fig. 40. Generating setting files.Fig. 40.
x
-+
~ Build

% Controller model and zettings files

" Controller madel file anly

i~ Controller settings file anly

— Controller S ettingz
¥ Generate defaults

" Fiead from existing file [.set]

| Browsze... |
[ipdete |

— Update Controller Settings
IIpdate existing file [ zet]

[ pdate

Contral E=ecution [nteryal |'| . minutes

Options For OpenBMPCT

Interval OFffzet ID- minutes
Sub-nteryal |1 . minutes
Self-zcheduled nteral I1 . minutes

Build I Cancel | Stuph’linma:-:l Cptions ...

Fig. 40. Generating setting files.

Select Build, if an error window appears, just click No (Fig. 41).
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Profit Design Studio ]

 TfSettle for sub-model CV 1 MV/DV 1is more than 100% longer
_h than SetteT
This discrepency should be resolved befare using this model
Do you wish to exdude this model in the build procedure?

Yes Mo

Fig. 41. Error window.

PDS generates setting files. These files we move to C:\ProgramData\Honeywel\URT\Platforms.
Open Profit Suite Runtime Studio (PSRS): File => New => Profit Controller => Ok (Fig. 42).

Create a New Application

Select an Application Type From the List:

Profit Controller

Profit Controller Express
Profit Data Collector
Profit EED

Profit NLC

Profit Optimizer

Profit SensorPro

Profit Stepper

Profit Toolkit

Cancsl

Fig. 42. Create a New Application.

We describe general information shown in Fig. 43, choose .xm .xs files generated in the previous

step and .mdl file with our model and click Ok.
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Mew Profit Controller Application 7] x|

—General Info
Name [ECDUBILI

Desc [Controller

Area |URT

—Application Files

xm file I..Hnnegmell\uHT\F‘IatFnrrns‘\ECDUHL1xrn |

xs file I\Huney.well\uHT\FIaﬁurrns\ECDle Lxs |

xp file |

&~ mdl file |Hune:.well\UHT\F'latfurms\ECDUﬁ1 L1.mdl

" xml file |

ccf file |

— Impart Controller Tunings from PSES Simulation
SimSet I
urt file

B |

— Extension Options
[T Use Profit Simulator [T MoBLC

— Default DCS Box & OPC Server for Process Connections —

DCS Box | Experion PKS C-Series

[ L

Server |HWHsc OPCServer

{]Kl Canc:ell

Fig. 43. General information.

In a Controller section, we describe information as shown in Fig. 44. Again we choose .mdl file

with our model.
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% Profit Suite Runtime Studio - BCDU61L1

File ~ View = Tools ~ Help ~

(- &) Local Machine
+1#% NotRunning
B ( Running
=-%F BcoUBILY
-4 BCDUBILY : ProfitController

—General Info

Name [BCOUGTLY

Desc |ECDU61 L1 Profit Cortroller

Area [URT
Platform Iata\Hﬂneywell\UHT\Piaﬁ'ﬂrms\BCDUm L1urt

r Files

xmfile [BCDUTLY
xs file [BCDUBILT

[]

xp file I
mdl ﬁ\elHnneywelI\U RT\Platforms\BCDUE1L1.mdl

xml ﬁ\el

—Default DCS Box & OPC Server for Process Ci

Profit Controller Runtime Configuration

Cortroller | Pints | Connections for Base Level Controls | Watchdag | Connections for CVs, MVs and DV | Sub Controllers | Linked Apps |

r—Profit Controller E
[~ Support Gain Mapper

Options

¥ Support Histery for Performance Monitoring
[~ Support Histery for Playback

[~ Support Advance Energy Solutions

™ Support USO

I Use Profit Simulator ™ NeBLC
[~ Profit Optimizer Options

[~ Use Profit Optimizer

Conn Type I0PC I URT

Machine |

Platfarm I

QptFB I
Path

DCS Box |TPS TPN Server
[Hei TPNServer

Server

~Safety Interlock OPC Cc

Server I

]
—

OPC Tag |

Fig. 44. Controller.

—Import Info From Existing Profit Controller

Platform I

Import -
Type IControIIer Migration

|mport

Update

Profit Contr

Fig. 45. Points.
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cv My DV
LCO6E_OP FT118_PV
LX124_PV FC128_SP
— Detail
Name |Lx068_PV
Description |T1 level
Engineering Units ~ [%
¥ Input Conditicning
Engineering Low Limit |0
Engineering High Limit [100
Type v oy CMy DV
Update




Section Points (Fig. 45) is about variables properties. We define engineering units and range of
the variable. Instead of the level, we use a percentage of working volume to calculate output from
the controller. This is a reason why we named our CVs LX instead LC. Part of the Points section
called Detail we set it as in Fig. 46.

Input Conditioning Configuration x|

— Input Vahdation

™ Enable Validation

High Limit oo
Low Limit P
ROC Up Limit oo
ROC Down Limit [100

Fresze Tolerance I:—
Fiokd Tirne (ruamm =) P
Freeze Hold Time (minutes) [0

Max Reset Time (hours) 24

[T GlampInput

— Input Filtering
[~ Enable Filter

Filter Time [minutes) I:

—Asynchronous CV Processing

[” Enable New Value Monitoring

0K I Cancel

Fig. 46. Details.

Connections for Base Level Controls is about what to do with MV’s controller in a case of
shutting down the APC. MV 1 switches to the automatic and MV2 switches to the cascade control
(Fig. 47).
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Profit Controller Runtime Configuration
.Cnrrtrollerl Points ~Connections for Base Level Controls | Watchdog I Connections for CVs, MVs and DVs | Sub Controllers I Linked Apps

Var | BLC Name | BLC Template | opCServer [ [Prim... |
MV1 LCDES_OP HW_LCN_Ctd-PMan_Shed-Ofuto_TPNServer Hci TPNServer  Primary
MY 2 FC128_SP | HW_LCM_Cid-PAuto_ShedOCas_TPMNServer  Hci. TPNServer Primary

CV 1 LX0e8_PV HW_LCN_CV_PY_TPMNServer Hci TPNServer Primary
Cv2 LX124_PV HW_LCN_CV_PY_TPMNServer Hei TPNSenver Primary
OW1 FT118_PY HW_LCN_DV_PV_TPMNServer Hei. TPNServer Primary

—Base Level Contrel Detail

Variable [mv 1-LCo68_OP i
BLC Mame LCos8_OP

WD LCN Unit Max Point Chars
DCS Box Type [TPS TPN Server =] |R1 18 =]
BLC Template IHW_LCN_GrI—PMan_Shed-O.Pu.rlo_TF‘ MNServer j |

OPC Server IHci.TPNSer\ter _l

Target |

add | Modify | Remove |

Update

Fig. 47. Connections for Base Level Controls.

Now we have built Watchdog, which is a kind of small program to check a communication
between APC and our target. We save it like URT Platform, which is ground for APC

coordination.

7.4 Controller Calculations

We start URT Explorer and in a left side, there are all platforms (Fig. 48). If our platform is not
activated we can do it by double click on BCDU61L1 => Start Platform.
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E% platform - URT Explorer

File Edit “iew Actions Tools Help

D@ || % B2 8% = &

—Connect

I "'I Connect |
—Disconnect

Ilucalhust "’I Disconnect |
—Others ———

Refresh

=~ B Mode - localhost
=9 NotRunning

- =-I'E ecousiLi
= Running

g OpcServer
£ URTService

Fig. 48. URT Explorer.

Double click on BCDU61L1 =>expand the menu =>right click on an OpcDAClient => Append
New Item => Data Item => node list and we name it Calc (Fig. 49). In this block, we will write
calculations between level and percentage of working volume.

Ldc:\ProgramData \Heneywel \URT\Flatforms\BCOUGIL Lurt - URT Explorer
File Edt Wiew Actions Felp

DEH ¥BRE| 8

Tools

| =

61

B [E latform- $BCOUSILL Name | Tpe | value Descripfion
E-["8 OpcserverInfolist - DefaltOpcSeverIrfo B urtSeFBState enum RUN Set FB active inactive
..... M2 aopinfo - AppInfo B uriFBState enum READY FB run state
B 25 syssched N urtFBExecState enum ACTIVE_SC... FB execation state - comp...
522 BoDUSILL N urtFBCritical boal TRLE Is FB critical? If tue FE ru...
-7 OpcDAClient B urtTimeQutinterval  time 00:00:00.000  Time ou: interval
P N oclOCyces lang 2 #of [JC Cvdes since FB ...
F-IE -Cale N ocTrimRight boal TRLE When true, traiing blanks ...
3R CVSyrc B ocTrimLeft boal FALSE When true, leading blanks. ..
[+]--=2R SigCond B oclotifyOnBacQ... bool FALSE When true. report BACQU. ..
#2212 rofCon B ocSuspendal boal FALSE When true, no proczss co...
[ appInfo - Applnfo = ocSuspendedSer... sftring Mo process communicaion. ..
20 3CRules N piCefaultServer string Fci TPNSer...  Default Server to connzct to
) ) B piCefaultServerC... sfing Computer hosting the Def...
B3 ?ualltﬁ“‘letr::s B piCefauliServerD... string Description of Default Ser. ..
5315 ZVMove B ocefaultinputTyze enum POL._DEVICE Type of OFC Inpat: CACK...
5[ TpnPriorityLevel shar: [ Priority level for communic. ..
TpnAccessLevel enum Proaram Access |zvel for communic...
Skl type af new mamaer ocCurentServars  compo.. . Current OFC Servers con...
=2 & < enc >
: Cencal |
[#- Frocess Irterface Block
Fig. 49. New item.



Right click on Cale => Append New Item => Profit Suite Block => Profit Toolkit =>
Variable Combinations and we name it Levels. Now we have block for calculations. We need
four calculations. Two of them are for the level in percentage to level in meters calculation and
the rest two are for calculation of the percentage of working volume from a level in the tank.
Right click on Combinations => Properties => Value => Working size = 4. The result is in
Fig. 50.

L-_.d‘C:‘-lPrcn-gra mData\Honeywell\URT\Platforms\BCDU61L 1.urt - URT Explorer
File Edit View Actions Tools Help

DS H| &8 %S al =] =]
=8 Platform - SBCOUG1L1 MName Type | value | Description

['E Opcserverinfolist - DefaultOpcServerinfo rn LX06S struct T1level calculation
I'E AppInfo - AppInfo mn Tim struct Percentage to meters T1...
- 3% SysSched ' T3m struct Percentage to meters T3 ...
-2 BCDUS1LL X124 struct T3 level calculation

20 OpcDAClient <end >

E-[E -calc

| B3k Levels

[ ] Results

~rin LX063
B Tim
[0 T3m

Fig. 50. Combinations block.

At first, we need to define T1m and T3m. Inputs to these blocks are values of levels in tanks T1
and T3 in percentage. The output from these blocks are levels in meters. I will describe the setup
of combinations blocks on LX068 calculation. The result from this block is the percentage of
working volume in tank T1. The input to this block is level in meters, which is also result from
T1m block. Basically, we need to insert calculations from Chapter 2.1, equations (9),(10)(11).
At first, we define a number of variables necessary for the calculation. LX068 => Number of
Variables => Value => Working value =8, (Fig. 51). Variables are described in Table 8, (Fig.
52).

Table 8. Calculation variables.
Name Description

A4 Level in the tank
IV2 | Radius of the tank
IV3 | Length of the tank

IV4 | Length of gasoline side

IV5 | Volume of unuseful gasoline part

IV6 | Volume of water side

IV7 | Total useful volume
IV8 | Height of barrier
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& C:\ProgramData \Honeywell \URT \Platforms\BCDU61L1.urt - URT Explorer

File Edit View Actions Tools Help
AIEE] | =

DESE| % B R 5

= F‘E Platform - SBCOUS1L1 Name | Type | value | Description |
v-- B OpcServerInfolist - DefaultOpcServerInfo B Mumber of Variables int ] Mumber of variables in eg...
-2 AppInfo - Applnfo [ 1 Variables double Independent variable values
. SysSched [ 1 variable Names string Variable names as found i...
E-22 BCOUSILL N Number of Coefs  int o Mumber of coeffidentsin ...
s, ) []1Coefs double Coeffident values
3L OpcDAClient [ 1 Coef Names string Coeffident names as foun...
r! - Cale N Equation string if{lvi<=IV... String representation of v...
[E-3R Levels N Result double 99,9997575  Combination result value
------ [ ] Results <end >
[ 1 Combinations

File Edit View Actons Tools Help

DS H| % e 5%

]

= [ Platform - $BCOUG1L1 | value | Timestamp
#- "B OpcServerInfolist - DefaultOpcServerInfo B0 vl 2017Mar23 13:54:38,507
['E AppInfo - AppInfo | | 1 vz 2017ar23 13:54:38.507
95 Systched iz v3 2017Mar23 13:54:38.507
== BoDUSILL 3 V4 2017Mar23 13:54:38.507
.10 OpeDACient B 4 V5 2017Mar23 13:54:38.507
: i 5 Ve 2017Mar23 13:54:38.507
=8 -calc s V7 2017Mar23 13:54:38,507
=35 Levels 7 va 2017Mar23 13:54:33.507
i [] Results <end >
El [ 1 Combinations
E-rin LX06E
¢ L[] Variables
~L1 Coefs
i =[] CoefMames
- rin Tim

Fig. 52. Variable names.

[&F] C:\ProgramData\Honeywell\URT\Platforms\BCDU&1L1.urt - URT Explorer

File Edit View Actions Tools Help
IR R =1 =
= [E Platform - $8CDUSILL Element | value | Timestamp | Connection
"8 OpcServerInfolist - DefaultOpcServerInfo | | 0 1.82500683 00:00:00.000 JSBCDUGIL1BCOUBILL/C..
[ AppInfo - Applnfo | 1 1.23800000 201MMar23 13:55:01.667
22 gyesched o2 5.90800000 2017Mar23 13:55:06.257
. BCOUSIL1 | 3 2.44400000 201 Mar23 13:55:11.797
208 OpcDAClient | 4 3.22660000 201 Mard3 13:55:19.727
| 5 10.8347000 201 Mar23 13:55:25.447
=M -Cale s 9,21350000 2017Mar23 13:55:34,297
=38 Levels | | 7 1.50000000 2017"Mar23 13:55:40,387
i [ ] Results <end >
El-[ 1 Combinations
Bl LX0B8

Fig. 53. Variable values.
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After defining variable names, we define their values. Only the first variable IV1 (level in meters)
is changing at a time and it is result from T1m block. We have to connect this variable with
the corresponding result. Right click on Variables => Properties => PerElem IN Con and

choose Type: URT and a Target is the location of T1m result shown in Fig. 54.

=
' General I Value I [btionsl [Iualityl Connections  PerBlem IN Con | PerBlem OUT Con I Historyl
ldx_ | Target | Tide | Type |
0 /EBCDUSTL1/BCDUGTL1/Cale/LevelsCombinations.,/ T Im/Result URT
1 URT
2 URT
3 URT
4 URT
b URT
[ URT
7 URT

Selected ldx: [0 Tive (G =] | ™

[~ Disabled [ Input Buffer
Store Input: o 2

" F Changed
Target Start labx : I Update =nd
[v Maintain Guality/ Timestamp

Target : |ISBCDUG1L1EECDUG1LVCaIcheveIstombinationsx’ _I

DF‘CS&N&(:I _| Aray Delimiter |[] ~

"Cnnned.ionType Specific Information

QK I Cancel e ] Help

Fig. 54. Variable connection.

The last but very important step is to define an equation for calculation with decision rule
described in 2.1. Variables => Equation => Value => Working value. In this box, we write all

decision rules with two equations (Fig. 55).
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Equation

|t alue —

{1V 1=V, 100°(1%1*(V2" Z*acos|(l ’V if(IV1<=IVB1007(17{1*(V2" 2"aco

[Hutput Yalue

r

Fig. 55. Equation.

The result from this block is the percentage of working volume in tank T1. The same approach is

used for T3 level calculation.
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8 Controller Configuration and Strategy

Part of the package that we used — Profit Suite is Profit Suite Operator Station (PSOS). This
software is used for interaction between operator and APC. Here we set controller strategy by
changing of optimization coefficients and limits. Our aim was to ensure, that T2 heavy naphtha
flow fluctuation will be compensated by T1 heavy naphtha flow while levels will be inside limits.

At first, we set some parameters for CVs as can be seen in following pictures.

CV # | CV Name | CV Description | Statuz | Value | 55 Value | Low Limit | High Limit

1 [LXD6E.PV [T1 level GOOD-C| 385843 37.423 32.000 43.000
2 [EX124.PV T3 level GOOD-C| 37757 37.216 10.000 70.000

Fig. 56. CV Summary.

As we mentioned before, instead of level we use a percentage of working volume for control. All
values in Fig. 56 are a percentage of working volume. In this table, we set limits for levels. The
wider range is allowed for CV1, the bigger capacity for flow compensation is possible. This setup

is based on the range accepted by operators.

CV # | CV Name | CV Description | Linear Obj Coeff | Quadratic Obj Coeff | Desired CV Value | Delta Soft Low Limit | Delta Soft High Limit | Error Tolerance

X068 PV [T1 level 0 1.0000 40.000 0 0 a
2 X124 PV T3 level 0 1.5000 38231 0 0 100.00

Fig. 57. CV Optimize.

We use control to desired value for levels so we set quadratic objective coefficients, according to
their priority and linear coefficients are equal to zero. The higher coefficient for CV2, the higher
is speed of compensation. Coefficient 1.5 was set to get quite conservative but robust
compensation for all types of fluctuations.

We set penalization for T3 outlet flow movement and levels control priorities. This
configuration should ensure compensation of T2 heavy naphtha flow by T1 heavy naphtha flow.
However the result was, that APC controlled both levels on the setpoint because of steady state
optimization. That was against our idea that we need to fluctuate level in T1 in reverse with T2
level to minimize fluctuation in T3. The solution was to change T3 outlet flow to DV and thus
removing one degree of freedom so both levels setpoints cannot be achieved and APC has to
choose which level it will control with one MV (output flow from T1). T3 level is controlled by

the ordinary cascade.
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MVs were configured in following way:

MV # | MV Name | MV Descnption | Status | Value | Move | S5Value | Low Limit | High Limit | Mode
1 |LCO68.0P [T1 HN output flow ON £0.898 -0.0726 80.729 35.000 85.000 RMPC | C
Fig. 58. MV Summary.
MV# MV Name | MV Descripfion | Linear Obj Coeff | Quadratic Obj Coeff | Desired MV Value | Delta Soft Low Limit | Delta Soft High Limit | MV Optimization Speed
1 LCO6S.0P [T1HN output flow [ 0 [ 0 [ NORMAL

Fig. 59. MV Optimize.

Limits were set according to process data and manual limits. In the previous setup MV2 weight

was set, to penalize its movement. However, the strategy was changed and MV weight is not set.

DVs configuration is defined here:

DV # | DV Name | DV Descrniption Statuz | Value
1 [FC128.5P [T3 HN output flow | GOOD-C| 61.191
2 [FT118PY [T2 HN output flow | GOOD-C| 34585

Fig. 60. DV Summary.

There are no limits to set, what comes from nature of DVs.

67



Discussion

After few hours of running APC controller, we have results to show. In Fig. 61 it can be seen the
behavior of levels in tanks before and after the APC was turned on. It was turned at time of 25

hours.

T1 level [%]

Time [h]

T2 level [%]

2]
o

a
o

T3 level [%]

10 16 20 25 30 35 40 45
Time [h]

o
3}

Fig. 61. Levels in tanks.

As you can see in Fig. 62 the APC try to fluctuate level in T1 in reverse with T2 level. This
control causes less fluctuation in T3 level. In Fig. 63, Fig. 64, Fig. 65 there are all tanks — levels
and output flows. T1 level oscillates between 45 and 65%. In order to set speed and capacity of
T1 compensation CV1 quadratic coefficient and limits can be changed. The higher quadratic
coefficient for CV1 means faster compensation. Wider limits for CV1 mean higher capacity for
compensation. For the purpose of analysis, it would be good to show results for different
configurations. However this would mean upset for normal operation, so we minimized the time
for configuration and there are no relevant data to show. For this reason, we did not verify our

assumptions about effects of changes CV1 parameters.

68



T2 level [%] T1 level [%]

T3 level [%]

T1 level [%]

T1 output flow [t/h]

0~ " T~ T~

40 1
30 30.5 31 31.5 32 32.5 33 33.5 34 34.5 35
Time [h]
60 .
50 .
30 305 31 315 32 325 33 335 34 345 35
Time [h]
60 [ .
M—-—/_\-———’_-——-
50 .

30

30.5

31

316 32 325 33 335 34 345 35
Time [h]

Fig. 62. Detail of control performance.
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Fig. 63. T1 control.
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Fig. 64. T2 control.
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Fig. 65. T3 control.
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Stabilisation of level in T3 implied stabilisation of output flow from T3, which is a feed flow for

a C4 distillation column. The bottom temperature in the column also stabilised - Fig. 66.

According to the conservative assumption, at least 60% temperature oscillation was removed.
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Fig. 66. Final results.

There was no significant change in processes upstream after turned on APC. This is presented

in Fig. 67. As you can see there is no change caused by APC after 25th hour.
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Fig. 67. The temperature in C1 column.
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For illustration there is graph from Uniformance Process History Database (Honeywell) used in

Slovnaft:
70 Ly
60 Hairline 1 i
50 4/16/2017 !
4n T:38:42 PM i
I |avD.1co6a. PV 61.263021 i
LVD.1C062.0F  74.590145 y
75 \_AAVD.LCIIZ.PV 50.963329 ’
D.1C112.0P 61.969514 i
70 D.LC124.PV 4 098 i
D.FC128.5F 57 203 !
60 AVD.TC228.PV  169.34507 !
55 EvD.TCOS2.PV  108.9934 g
S0 ~7 U o U A" Y
&5 A A - N . I
g4 4 - o / 1 i .
&3
62
&0
55
50
50 A . H
il ! / =
. A WA [\ VAW
59 1A A A i e T i R
/ ARTA | AT -
ss -\ Y ALY "-\ N I'U e
5 WJ \J ;
154 . 1
169
168 1
17 7 :
{ 4 H
! W
A WLV vy M‘M ) “K\‘L“’"‘*W-WMWW*“‘*WM P Ay
e Ll i g ',.vv_n},,w ! ¥ W i | ’1Ww Y .,uf",r‘m"w
107 i WV'\“ T IIA‘MM‘J‘II
T

T
12:00:00

4/15/2017 6:36:38 PM

T T T T
6:00:00 12:00:00 6:00:00 12:00:00

T
12:00:00

§:00:00
Fig. 68. Uniformance PHD trend.
Table 9. The meaning of signals.

Signal Meaning Unit
AVD.LC068.PV | Level in T1 %
AVD.LC068.0P | Output from controller to valve | %
AVD.LC112.PV | Level in T2 %
AVD.LC112.0P | Output from controller to valve | %
AVD.LC124.PV | Level in T3 %
AVD.FC128.SP | Output from controller to valve | t/h
AVD.TC228.PV | Temperature in C4 column °C
AVD.TC052.PV | Temperature in C1 column °C
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Conclusion

The aim of this work was to reduce the fluctuation of output flow from a system of three
horizontal cylindrical tanks. This system of tanks is a part of distillation unit in Slovnaft called
BCDUES6. Fluctuation of output flow disturbs downstream operations.

Our first task was to derive a mathematical model of horizontal cylindrical tank. There
was an interesting fact that inside each tank is a barrier used for dividing gasoline from water. In
this first part, we used mainly MATLAB with Simulink. After deriving model, we validated it
and continued with control design. We focused only on the last tank T3. At first, we tried to
reproduce Slovnaft control system of level — cascade control. Slovnaft engineers tried to reduce
non-linearity of the system using gain scheduling as we did. Next work was about developing our
own control strategy to minimize fluctuation of output flow. We used a strategy called averaging
level control. This strategy is based on an idea that we can use all possible volume of the tank to
maintain output flow as steady as possible. Using this strategy we reduced fluctuation by half.
The stronger improvement we achieved using tuned PI controllers with gain scheduling. The last
strategy that we tried by simulations was a percentage of working volume control instead of level.
Using this strategy makes our system linear which is better for control. This strategy was also the
basis for APC control in the second part.

The second part was about APC controller design. We used Profit Suite from Honeywell
which contains several types of software for design and application of APC controller. The first
step was the identification of system. We had to classify variables and did some step tests. Step
tests we did in MATLAB — Simulink and data were exported into Profit Design Studio. Here, we
investigated how depended variables (MVs, DVs) affect independent variables (CVs). We
constructed a model matrix which contains all sub — processes. In the next step, we built URT
Platform which serves to implement APC applications. In URT Explorer we defined necessary
calculations to convert level into a percentage of working volume. The last thing that we had to do
was running a controller and define limits and some another parameter for variables. After
running designed controller for few hours, significant progress has been made in output flow
fluctuation. Reducing of output flow fluctuation reduced also fluctuation of temperature (at least
60%) in the next distillation column, which has a positive impact on operations conducted
downstream. The controller was accepted by unit staff and they use it. Since the model is linear

and it can be theoretically calculated, our solution is easily transferable to other tank systems.
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Resumé

Tato diplomova praca sa zaobera navrhom a implementaciou riadenia stistavy troch zasobnikov
kvapaliny v rafinérii Slovnaft a.s. Jedna sa o prevadzku BCDUG6 na ktorej prebieha atmosféricka
a vakuova destilacia ropy za vzniku produktov. Spominanu ststavu zasobnikov kvapaliny tvoria
valcové zasobniky umiestnené horizontalne. Prvé dva (T1, T2) zachytavaju produkt
z rektifikacie, ich vystupné prady sa spajaji a tvoria vstup do treticho zasobnika (T3), ktory
zadrziava nastrek pre vakuovu kolonu C4. Vystupny prietok z T2 kolise, a tento fakt spdsobuje
kolisanie vysky hladiny v T3, vystupného prietoku z T3 a nésledne aj teploty v kolone C4. To ma
za nasledok nepriaznivé podmienky pre riadenie a samotny chod kolény. Ciel'om tejto prace bolo
stabilizovat’ kolisanie hladiny v T3 a tym aj kolisanie vystupného prietoku z T3.

Prva Cast’ prace bola zamerand na modelovanie systému, teoreticky navrh riadenia
a overenie pomocou simulacii v programe MATLAB — Simulink. Prvym krokom bolo ziskanie
matematického modelu horizontalneho valcového zasobnika kvapaliny. Vsetky tri zasobniky
mali rovnak(l geometriu, lisili sa len velkost'ou. Zaujimavostou pri tychto zasobnikoch bola
zabudovand prepazka vo vnutri zasobnika, ktora sluzila na oddelovanie zvySkovej vody
v produkte rektifikdcie. Odvodeny matematicky model bol nakoniec validovany pomocou dat
poskytnutych spolo¢nostou Slovnatft a.s.

Pri teoretickom navrhu riadenia sme sa zamerali na zasobnik T3. Slovnaft riadi hladinu
v T3 pomocou kaskadovej regulacie PI regulatormi. Vyska hladiny v zdsobniku je nelinearny
systém, comu mal v riadeni dopomoct’ gain scheduling.

Po uspesnom odsimulovani riadiaceho systému pouzivaného rafinériou Slovnaft sme sa
zamerali na vytvorenie vlastnej stratégie riadenia, ktora by mala znizit' kolisanie vystupného
prietoku z T3. Stratégia sa nazyva ,,Averaging level control“. Hlavnou myslienkou tejto stratégie
je vyuzit' cely mozny objem zasobnika bez dosiahnutia alarmov, kedy by sa mal vystupny prietok
v znacnej miere ustalit. Touto metddou sa podarilo dosiahnut’ mensie kolisanie vystupného
prietoku priblizne o polovicu. Dalsie zlepsenie bolo pozorovatelné ladenim regulatorov
a pridanim gain scheduling-u. Poslednou alternativou, ktori sme simulovali bola metdda, pri
ktorej namiesto vysky hladiny v zasobniku riadime percento objemu zaplnenia zdsobnika. Ako
uz bolo spomenutg, vyska hladiny v naSom zasobniku je nelinearny systém, ¢o neplati o percente
objemu. V tomto pripade bolo dolezité zasobnik rozdelit’ na niekolko Casti a vypocitat' ich

objem. Nasledne sme podla rovnic v kapitole 2.1 z vysky hladiny vedeli vypocitat’ percento
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zaplnenia objemu zasobnika. Aj tato metoda priniesla tispech v podobe zmenSeného kolisania
vystupného prietoku zo zasobnika T3.

Druhéa cast’ bola venovana navrhu a implementacii APC reguldtora. Pouzivali sme
softwarovy balik Profit Suite od Honeywellu, ktory mal mnoho stcasti. Najprv bolo potrebné
rozdelit premenné na riadené (CV): vysky hladin v zasobnikoch T1 a T3, riadiace (MV):
vystupné prietoky zo zasobnikov T1 a T3 a poruchové (DV): vystupny prietok z T2. Vystupny
prietok z T2 bol zaradeny medzi poruchové veli¢iny kvoli zadrhavaniu ventilu, kedy nie je mozné
ovladat’ ho pre potreby riadenia. V d’alSom kroku sme pristupili k identifikacii systému. Na
zacCiatku bolo potrebné vykonat’ skokové zmeny alebo tzv. steptesty, kde sme sa snazili zistit
vplyv riadiacich a poruchovych premennych (MV, DV) na riadené premenné (CV). Tieto
steptesty sme robili simulacne v programe MATLAB - Simulink a vygenerované data sme
spracovali v programe Profit Design Studio. Vysledkom bola modelova matica zloZena
z jednotlivych ¢iastkovych procesov. V d’alsom kroku sme vytvorili URT Platformu, ktora sluzi
na implementaciu APC aplikacii. Pri vytvarani APC regulatora sme sa rozhodli pouzit’ metodu
riadenia percenta objemu zaplnenia spominanu v prvej Casti tejto prace. Vypocty potrebné na
prepocet vysky hladiny na percento zaplnenia objemu zasobnika sme definovali v programe URT
Explorer.

Poslednym krokom bola implementacia vytvoreného APC regulatora. APC regulator
bol nahrany do systému a boli vykonané urcité nastavenia v rozhrani pre operatorov — Profit Suite
Operator Station. Po spusteni navrhnutého regulatora a naslednej niekol’ko hodinovej prevadzke
bolo vidiet, Ze vyska hladiny v zasobniku T1 ako aj jeho vystupny prietok zacali vyrazne kolisat’.
Pomocou tohto rozkolisania hladiny v T1 sa zniZilo kolisanie hladiny v T3, jeho vystupny prietok
a nasledkom toho aj kolisanie teploty v kolone C4 o najmenej 60%. Regulator bol akceptovany
prevadzkou a pouziva sa. Pretoze model je linedrny a je ho mozné vypocitat’ teoreticky, je nase

rieSenie 'ahko prenosné na iné sustavy zasobnikov.
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