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Abstract

Optimisation of any membrane diafiltration unit operation is vital for processing
large feed volumes, as long as the overall process time and water consumption are
concerned. Among others, also in separation processes of food and pharmaceutical
industry. Besides correct estimation of fundamental parameters of filtration system,
model of transmembrane permeate flow is of utmost importance. Nonlinear regression
is used in this work to calculate parameters of two commonly used models from exper-
imental data measured on a laboratory plant. During experiments, nanodiafiltration
of solution containing lactose as macro-solute and sodium chloride as micro-solute
was studied. A significant part of this work is dedicated to building an empirical
model and estimation of its parameters. In comparison to traditional implicit or
oversimplifying models, empirical model is proposed as a function of transmembrane
pressure and macro-solute concentration. Subsequently, parameters of two distinct
models are used for modelling and optimisation of a diafiltration process. Both empir-
ical and traditional models are compared within a simulation and experimental data.
In spite of higher water consumption during the diafiltration, the empirical model

shows the preferable process operation in terms of the overall filtration time.

Keywords: diafiltration; fitting; modelling; nanofiltration; optimisation



Abstrakt

Optimalizacia diafiltrac¢nej prevadzky akéhokolvek membréanového zariadenia z pohladu
dizky trvania procesu a spotreby rozpustadla zohrava délezitd tlohu okrem iného aj
v separacnych procesoch potravinarskeho a farmaceutického priemyslu pri spracova-
vani velkych objemov suroviny. Okrem spravneho odhadu zdkladnych parametrov fil-
tracného systému je klicovym aspektom v zostaveni matematického modelu filtracného
procesu samotny model toku permedtu cez membranu. Na vypocet parametrov dvoch
bezne pouzivanych modelov je v tejto praci pouzitd nelinedrna regresia z experimen-
talnych tdajov nameranych na nanofiltracnej membranovej stanici pre vodny roztok
laktozy ako makrozlozky a chloridu sodného ako mikrozlozky. Vyznamnou sicastou
prace je zostavenie a urcenie parametrov empirického modelu cezmembranového toku
permeatu ako explicitnej funkcie cezmembranového tlaku a koncentracie makrozlozky
na porovnanie s tradi¢ne pouzivanymi modelmi, ktoré byvaji bud implicitné alebo
prilis zjednodusujice. Parametre dvoch réznych modelov st nasledne pouzité na mode-
lovanie a optimalizaciu diafiltra¢ného procesu. Simulaciou a experimentalnym overenim
je vyhodnotend pripadova stidia modelovania a optimalizacie, v ktorej st porovnané
dva modely toku permeatu—empiricky a tradi¢ny. Napriek véicsej spotrebe vody pri

diafiltréacii sa ukazal empiricky model ako vyhodnejsi z hladiska celkového casu filtracie.

L, s di (cia: fitovanie: vanie: alizaci
KIucové slova: diafiltracia; fitovanie; modelovanie; nanofiltracia; optimalizacia
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Nomenclature

Symbol Meaning

a Coeficient in eqn. 5.6

A Membrane area

b Coeficient in eqn. 5.6

c Coeficient in eqn. 5.6

c; Mass concentration of i-th solute
Clim Limiting concentration of macro-solute
C Molar concentration

d Coeficient in eqn. 5.6

e Euler’s number

Jo Coeficient in eqn. 5.2

J1 Coeficient in eqn. 5.2

J;j Volumetric flux density of j-th stream
k Mass transfer coefficient

M Molar mass

n Exponent in eqn. 3.9

P1 Virial coeficient in eqn. 3.10

D2 Virial coeficient in eqn. 3.10

D3 Virial coeficient in eqn. 3.10

P Hydrodynamic pressure

AP Transmembrane pressure

q; Volumetric flux of j-th stream

R? Coefficient of statistical determination
R; Rejection coefficient of i-th solute
R, Membrane resistance in eqn. 3.8
Ry Membrane resistance in eqn. 5.6
S Singular arc

t Time

T Temperature

U Pure solvent volumetric flux

\%4 System volume



Greek symbol

Meaning

«a Proportionality factor, eqn. 3.4
vy Coefficient in eqn. 3.7

K Coefficient in eqn. 3.9

7 Solvent viscosity

I Osmotic pressure

o Conductivity

v Electric potential
Subscript Meaning

1 Macro-solute

2 Micro-solute

eff Effective

f Filtration

F Feed

max Maximum

P Permeate

R Retentate

w Wall

Superscript Meaning

* Singular /switching

f Final

init Initial

Abbreviation Meaning

C Concentration

CVD Constant-volume diafiltration
D Dilution

GLF Generalised limiting flux
LF Limiting flux

MF Microfiltration

NDF Nanodiafiltration

NF Nanofiltration

ODE Ordinary differential equation
op Osmotic pressure

RMSE Root-mean-square error
RO Reverse osmosis

TMP Transmembrane pressure
TR Total recirculation

UF Ultrafiltration

VVD

Variable-volume diafiltration



CHAPTER 1

Introduction

Membranes play a significant role in contemporary methods for separation processes
owing to their favourable properties—effectiveness of separation, and lower costs
and operation temperature compared to traditional (heat-assisted) processes. Thus,
their use has become increasingly popular in (bio)chemical, pharmaceutical or food
industry [2]. Furthermore, membranes found applications in promising electrical energy

solutions, e.g. all-solid-state batteries or fuel cells [7].

Similarly to a biological membrane, a synthetic membrane may be defined as a bar-
rier dividing two solutions with different concentrations of one or more solutes or
suspended particles [12]. When an external impulse, for example hydrodynamic pres-
sure of sufficient magnitude, is applied, forced mass transfer through the membrane
occurs. The principle of separation is based on selective mass transfer of the com-
ponents through the membrane. Components which pass through the membrane
form a permeate stream, while those retained by the membrane form a retentate

(or concentrate) stream.

In terms of streams configuration, there are two ways of introducing a feed stream to

membrane:

o cross-flow filtration,
o dead-end filtration.

Both regimes are schematically shown in Fig. 1.1. In the former configuration, feed
and retentate streams flow parallel to the membrane surface while permeate stream
runs perpendicular, making it a preferred mode for continuous operations. In the latter
configuration, however, no retentate stream is present. This implies continuously rising
concentration on the feed side, leading even to formation of filtration cake, which
causes gradual slowdown of the filtration resulting in completely ceased permeate
flow [15].

Separation via membrane is based either on sieve effect or on physico-chemical inter-
actions of separated component with membrane. In general, there are three types of

driving force of the separation process [4]:
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(a) Cross-flow regime (b) Dead-end regime

Figure 1.1: Two configurations of filtration

« pressure gradient — AP,
 concentration gradient — AC),

o electric potential gradient — AW.

Pressure-driven processes for separation in liquid phase are further divided into:
microfiltration (MF), ultrafiltration (UF), nanofiltration (NF) and reverse osmosis
(RO), depending on the cut-off! or electrostatic repulsion of particles by the membrane.
Specific separation mechanism for common types of filtration system is exhaustively

described in literature [12].

Membranes for nanofiltration (NF) (formerly referred to as loose or low-pressure reverse
osmosis), characteristic for retention of divalent ions and organic (macromolecular)
compounds, have found varied application especially in water and wastewater treat-
ment, desalination [6], concentration of saccharide solutions, and other non-aqueous

operations, namely organic solvents recovery [10].

Diafiltration is an operation or a sequence of operations using membrane filtration
by which eventually one solute is concentrated and the other is diluted by clean solvent,
which is usually the same as the one present in the solution prior to filtration. Three

basic operation modes are thus possible [10]:

« concentration with at least one solute and one solvent,
« purification with at least two solutes and one solvent,

« solvent exchange with at least one solute and two solvents.

These modes are practically used, for example, in recoveries of valuable solvents,

LCut-off is defined as the molecular weight of particles retained by a membrane for at least 90% [2].
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desalination of macromolecular or protein solutions, or biochemical product separa-
tion [4]. Concentration-desalination principle is based on a selective membrane, which
retains macro-solute, yet is permeable to solvent and micro-solute. The overall setup

of diafiltration may be either batch or continuous.

In a batch membrane filtration system with cross-flow regime, three configurations are
possible depending on presence of permeate recirculation: no recirculation (concentra-
tion or purification of the feed solution), partial recirculation or total recirculation
(TR) of permeate to feed tank. TR configuration is used for steady-state measurements.
Total or at least partial recirculation of retentate stream is necessary for filtration
of batches of small volumes on either one, or on a small number of membrane filtration

modules.

Processes on the industrial scale require maximum economic profitability, particularly
by means of time efficiency and minimum feedstock consumption. Optimisation
may be achieved via both suitable plant design by chemical engineering approach
and favourable choice of dynamic degrees of freedom by process control. Over the last
decades, information technology introduced so-called optimising control in order not

only to regulate the industrial process but also to maintain its optimal conditions [15].



CHAPTER 2

Goal

Lactose is a disaccharide characteristic for its abundant presence in mammalian milk.
Owing to its suitable properties, it has found numerous applications in pharmaceuticals
mostly as an excipient', in baking as a crust browning agent or as a colour and
flavour enhancing ingredient in protein containing products, and in dairy products
for mimicking the human lactose content in cow’s milk [8]. Industrial production of
lactose is currently limited to whey processing, with nanodiafiltration (NDF') as one

of feasible unit operations [20].

As mentioned in Chapter 1, the economic profitability of an industrial operation is
often governed by process time and feedstock consumption. A goal of this work is to
propose time-optimal conditions of a nanodiafiltration process. Furthermore, optimal

strategy for water utilisation is also discussed.

In order to optimise the process, a mathematical model needs to be proposed. The most
essential part of such model is specific term describing permeate flux. Subsequently,
this work addresses a new model and compares it with standard models. In order to
achieve this, model parameters of permeate flux for specific solvent-solute(s) system
need to be determined. The estimation is based on experimental data fitting of
permeate flux models given in section 3.3.3. The goodness of fit is to be evaluated

and compared among the models.

The overall mathematical model of the process requires correct values of pertinent re-
jection coefficients and optimal control quantities for relevant flux models. Thus, these
values need to be determined correctly in order to approach the real-system behaviour
and the time-optimal strategy to the maximum achievable extent. The process and
control quantities need firstly to be defined and calculated to obtain the complete

time-optimal diafiltration strategy for the particular model of permeate flux.

Finally, the case study objective is to simulate optimal strategies for each model
and to compare them with a non-optimal traditional one, applied in the context of
the diafiltration process. Finally, the accuracy of calculated flux models is to be
experimentally validated through case study measurements. Solvent-optimal strategies

are discussed within the theoretical and simulation framework.

la medicament carrier for tablets or inhalers



CHAPTER 3

Theoretical Background

3.1 Diafiltration Operation Modes

In diafiltration of one-solvent systems, one or more macro-solutes are concentrated
and at least one micro-solute is washed out from the solution by addition of fresh
solvent. Depending on volume change of batch system in question, four possible

operation modes in relation to the macro-solute concentration may be considered [15]:

« concentration (C) mode — no solvent is added to the system, volume of the feed
decreases,

« constant-volume diafiltration (CVD) mode — solvent is added to the system
at the rate of permeate flow, the system volume is constant,

« variable-volume diafiltration (VVD) mode — flux of solvent to the system is
lower than flux of permeate, the system volume decreases,

« dilution (D) mode — specific amount of pure solvent is added to the system

in negligibly short period of time.

3.2 Fouling

Analogically to the cake formation in dead-end filtration regime, performance depres-
sion of filtration process can be observed also in cross-flow configuration. This trend
is characterised by decreasing permeate flow in time, and often poses an unfavourable
obstacle in continuous usage of membrane module. Fouling of membranes is described
in literature [5, 14] in terms of causes, mechanism, modelling, and requisite measures
to overcome this phenomenon. To maintain sufficient permeate flow, several solutions

are considered, namely:

o back-flow of permeate,
« periodical switching to at least one fresh membrane module or

o temperature or pressure adjusting profile in time.

As fouling proved to have negligible effect on performance of the laboratory plant, it

is not further considered in this work.
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3.3 Mathematical Modelling of Diafiltration

A schematic diagram of a batch diafiltration process is shown in Fig. 3.1. The feed
solution is pumped from the tank to the membrane module. Following selective
separation on the membrane, the feed stream is divided to the retentate stream which
continues in the recirculation to the feed tank, and to the permeate stream which is
captured in another tank or disposed of. Steady-state mass balance of the membrane

module for the two-solute system is given by the following equations

qF = 4R +qp, (3.1a)
grC1,F = ¢RC1,R + qPC1,P; (3.1b)
grC2,F = qRC2,R + qPC2,P, (3.1c)

where ¢; denote volume fluxes with respective concentrations c; ; for i-th solute
and j-th stream, i.e. the feed (j = F), the retentate (5 = R) and the permeate (j = P)

streams.

qp

qr

—a

Figure 3.1: Scheme of diafiltration membrane separation unit

Overall volumetric permeate flux gp is proportional to the membrane area

qp = JpA, (3.2)

where Jp is the permeate flux density (or velocity, further referred to only as permeate

fluz) through the membrane of area A.
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The driving force of the filtration process, transmembrane pressure (TMP) AP, is
defined as a pressure drop on the membrane given by the equation
Pr—P
AP:J%TE—PF (3.3)
Variables Pp, Pr and Pp designate hydrodynamic pressures in the feed, the retentate

and the permeate streams respectively.

3.3.1 Proportionality Factor

An important diafiltration model variable—proportionality factor a—is defined as [15]

a=—, 3.4
qp (3:4)

where u is flux of pure solvent to the feed tank.

Naturally, in C mode a = 0, whereas in CVD mode a = 1. If pure solvent flux is
lower than permeate flux, then a < 1 (VVD mode). The a value in D mode can be

symbolically expressed as o = oo [15].

3.3.2 Membrane Retention

Rate of retention of a substance by the membrane is expressed in terms of rejection
coefficient, R, as
s
Ri=1-—2E (3.5)
Ci,R
where R; is the rejection coefficient of i-th solute with concentrations ¢; p and ¢; r

of permeate and retentate respectively.

For efficient separation of two solutes, the rejection coefficient of one solute should be
approaching unity (macro-solute with negligible permeation through the membrane),
while the other should be approaching zero (micro-solute with practically no retention
by the membrane). In reality, rejection coefficients usually differ from zero or unity,

which is discussed in subsequent chapters.



8 3.3 Mathematical Modelling of Diafiltration

3.3.3 Permeate Flux Model

The most essential part of membrane process modelling is a model of transmembrane
mass transfer or the permeate flux model. There are generally two ways to describe such
transport mechanism. The first one considers the membrane as a black box and is based
on irreversible thermodynamic principles such as Gibbs energy dissipation and entropy
production [10]. The second approach requires deeper understanding of the mem-
brane transport phenomena based on the membrane structure [10]. Within this
more fundamental (mechanistic) method, there are two basic structural concepts

of the membrane:

« a dense membrane described by a solution-diffusion model,

« a porous membrane described by a pore-flow model.

The former considers solute-solvent-membrane behaviour, while the latter is highly
friction-based. All three kinds of models are described in literature together with semi-

empirical and combined models accounting for imperfection corrections [10].

3.3.3.1 Limiting Flux Model

In ultrafiltration (UF) of solutions containing proteins or substances with tendency
to form a gel layer on membrane with no macro-solute present in the permeate, the gel

layer or limiting flux model was proposed [3]

o
Jp(cr) = kln 27 (3.6)

C1
where k is mass transfer coefficient of macro-solute in the laminar film on mem-
brane, ¢, is ‘limiting’ concentration (also denoted ¢, referring to ‘gel’ concentration)
on membrane and ¢; is bulk concentration of macro-solute on the feed /retentate side

of membrane.

Eqn. 3.6 can be derived from the film theory by integration of the mass balance equation
of solute flux on membrane. It was shown that this model can be reliably used also for
modelling of NF, even though the parameter ¢, is only phenomenological with no
deeper physical meaning [9]. While reaching the limiting concentration of the macro-
solute on the membrane, the model suggests no significant pressure-affected flux change,
hence the name ‘limiting”. For simplicity, this model assumes parameters k and ¢,
to be constant at given TMP and temperature. This, however, poses a drawback

when pressure or viscosity effects need to be taken into account.
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3.3.3.2 Generalised Limiting Flux Model

As indicated in eqn. 3.6, the LF model is a function of the macro-solute concentration
only. In the work [17], a specific type of LF model was proposed
Clim

JP<017C2) =kln 5 (37)

C1Cy

with the micro-solute concentration ¢y (uniform in the whole system if Ry = 0)
and an additional coefficient «y. This model, termed in [19] as the generalised limiting

fluz (GLF) model, includes the influence of the micro-solute on permeate flux.

3.3.3.3 Osmotic Pressure Model

One of the most universal and most popular models for modelling of the permeate
flux is the osmotic pressure model. This model is derived from the solution-diffusion
approach and can be used practically for any type of pressure-driven membrane

filtration. The form of the model equation is following

AP — AH(Cl)

JP(Cl)Z ILLR

) (3.8)
where AII(cy) is osmotic pressure caused by the gradient of concentration of the macro-
solute on both membrane sides, p is the solvent viscosity, and R, is the temperature-

and solute-independent membrane resistance.

Based on van’t Hoff’s equation and the film theory, osmotic pressure on membrane

can be according to [21] expressed as

nd,
AIl = kc} exp TP’ (3.9)
where k is a constant and n is an exponent equal approximately to two for macromolec-

ular solutions. Osmotic pressure can also be rewritten in the form of virial equation

All = pic1 + p2ciw +p3€iw, (3.10)

where p;, p2 and ps are parameters of corresponding virial equation and ¢, is flux-
dependent macro-solute wall concentration. Osmotic pressure (OP) model is therefore
implicit, assumes unlimited rise of permeate flux with increasing transmembrane

pressure and often fails in description of NF [10]. Under simplifying assumptions
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in [21], following explicit form was derived

JP(Cl)ZEIHE (3.11)

n’?
n  kcy

n/ AP
et

which is equivalent to the LF model 3.6 if ¢y, =

3.3.3.4 Empirical Model

In the work [18], three empirical models for modelling of UF whey separation were
presented. Assuming negligible fouling, the following model can be obtained using

the exponential empirical resistance

—AP
Jp(c1, AP) = Jpmaz(c1) (1 — exp ) , (3.12)
Ry

with pressure-indepentent maximum flux Jp mqez(c1) as a function of macro-solute
bulk concentration and Rj; as a membrane resistance constant. This model is to be

adapted and discussed later in this work.

3.4 Process Model

Assuming a system containing three components: a solvent, a macro-solute and a micro-
solute; with the configuration of the process shown in Fig. 3.1, mass balance of the sys-

tem volume and solutes can be expressed as a set of following differential equations [15]

der  cigp

v (Ry —a), ci(t=0)=c"", (3.13a)
de caqp ini
d—f = 2V (Ry — @), et =0)=ci" (3.13b)
d .
(oD V(=0)= v (3.13¢)

where V is the volume of the system, ¢; and R; are concentrations and rejection
coefficients of both the macro-solute (i = 1) and the micro-solute (i = 2). These con-
centrations are practically identical for the feed and the retentate streams if g > qp,

as can be shown from mass balance equations 3.1.
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3.5 Process Optimisation

Diafiltration process is often conducted in batches, where two major factors are of eco-
nomic concern: minimum fresh solvent consumption and minimum time of the overall

process.

In [15], time-optimal strategy for diafiltration process is derived. It suggests a three-step
optimal approach consisting of different operational modes described in Section 3.1.

Generally, following strategy is optimal:

1. Macro-solute is concentrated to switching (singular) concentration ¢f — C mode.

2. Micro-solute is washed-out from the feed solution to obtain required ratio

of solutes concentrations — CVD or VVD mode depending on «.

3. If c{ < q (c{ denotes the desired final concentration of the macro-solute),
the solution is instantaneously diluted by specific amount of pure diluent (solvent)

to obtain required final concentrations c{ and cg — D mode.

The singular conditions, i.e. the switching concentration of the macro-solute and the «
ratio during the purification, are given for the time-optimal control according to [19]

by conditions

dqp dqp

S — dar . 99P 3.14
qp + der 1+ 3¢y C2 ) ( )
as
c
o= 9er 273 , (3.15)

where S denotes a singular/sensitivity arc from a non-linear feedback control described
in [15].

For the limiting flux model 3.6, the optimal conditions are then

S=qp—k=0, if ¢ = Cl;’”, (3.16)

a=1, (3.17)

since in accordance with equations 3.2 and 3.6, the permeate flux is a function

of the macro-solute concentration only. On the other hand, application of the optimal
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conditions 3.14 and 3.15 on the generalised limiting flux model yields

Clim
evtley’

S=qp—k(y+1)=0, if () = (3.18)

a=— (3.19)

where the switching ¢f(c2) is a function of the micro-solute and « < 1 assuming y > 0,
which is in line with the prediction made by the VVD mode in the second diafiltration

step described on page 5.

In addition, the solvent-consumption optimal strategy shifts the switching to the lim-
iting concentration of the macro-solute, ¢ = ¢y, for the LF model in accordance
with [16]. However, this approach is practically limited by the actual (macro-solute)
solubility in the solvent. The switching concentration, cj, can therefore not exceed
the value of this solubility, since undesirable crystallisation may occur. Moreover,
at high solute concentrations, the permeate flux drops to very low rates, resulting
in excessively long periods of filtration, which makes the minimum-solvent strategy

consideration impractical.

Optimal control problem for the empirical model in the form of eqn. 5.6 requires, as
discussed later, a numerical solution, since no analytical form of the switching concen-
tration, cj, can be expressed from the condition 3.14. The mode of diafiltration during
the washing mode, i.e. the « ratio for this model, is CVD (« = 1), as long as the empiri-
cal model is a function of the macro-solute concentration only. Similarly to the previous
case, the switching concentration for the solvent-consumption-minimising strategy is
for the empirical model constrained also by the macro-solute solubility. In Chapter 5,
this limitation is even augmented by the value of one of the model coeflicients, for which

the permeate flux is limited to zero.
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Methodology

In this work, water solutions containing various concentrations of lactose (macro-solute)
and sodium chloride (micro-solute) were subjected to experimental nanodiafiltration
(NDF) measurements. Several data series were obtained for the model parameters

estimation using these chemicals:

« lactose monohydrate (99.9 %, M = 360.31 g/mol, Centralchem, s.r.o., Slovakia),
« sodium chloride (99.9 %, M = 58.44 g/mol, Centralchem, s.r.o., Slovakia),

« reverse-osmosis water (o € [7,20] pS/cm).

The scheme of the laboratory plant used for membrane filtration is in Fig. 4.1. The feed
stream was pumped through a spiral-wound nanofiltration module NFW (cut-off range
300-500 Da, membrane area A = 0.465m?, AP,,,, = 30 bar, Synder Filtration, USA)
in TR mode of the retentate. Transmembrane pressure (TMP) was regulated by a pres-
sure controller (PC) and an actuator HANBAY (V1) after the membrane module.
Pressures of both permeate and retentate streams were measured by two WIKA A-10
pressure transmitters (PT1 and PT2) with pressure range from 0 to 1000 bar. Volume
fluxes were measured by BIOTECH VZS-005-VA (FT2 for the permeate, flow range
0.005 to 1.75L/min), and Greisinger Vision 2008/1 (FT1 for the retentate, flow range
0.5 to 25 L/min), the feed tank volume was measured by a level transmitter (LT) WIKA
S-11. Temperatures and conductivities were recorded by Mettler Toledo, easySense
Cand 73 (TT2 and AT2 for the permeate, measuring range 0.1 to 2000 uS/cm) and easy-
Sense Cand 77 (TT1 and AT1 for the retentate, measuring range 0.02 to 400 mS/cm).
The retentate stream was cooled by a plate and frame heat exchanger, with the system
temperature regulated in the range T' € [21.5,22.5] °C by a temperature controller

(TC) and an actuator (V2) during all performed experiments.
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feed permeate
tank P tank

ar

NF membrane

3

Figure 4.1: Simplified P&ID scheme of the nanofiltration laboratory plant

4.1 System Parameters Calculation

4.1.1 NaCl Concentration Calibration Curve

The linear concentration-conductivity function from [19] was experimentally verified
on a benchtop EC meter HI5522-01 (Hanna Instruments, Inc., USA):
C2 g

oL = 0.0007 - Sjam 0.6949. (4.1)

This equation was used further for all sodium chloride concentration measurements.

4.1.2 Piping Volume

The volume of feed in the tank in Fig. 4.1 was measured in the range from 3.50 L
to 35.00L (maximum capacity of the feed tank) with error of +0.02 L. Neglecting
the piping volume would lead to significantly inaccurate computed values of the lactose
concentration, especially for the lower tank-volume region. For more accurate lactose
concentration estimations, the whole system volume needed to be quantified. In five
measurements, specific amount of NaCl was added to the system. The overall system
volume was computed as the product of amount of NaCl and given concentration

(calculated from measured conductivity using the calibration curve 4.1). The piping
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volume was the difference between the tank volume and the overall system volume.

The average piping volume value was thus established to be 3.00 L.

4.2 Data Collection

The osmotic pressure (OP) model as defined by eqn. 3.8 predicts linear flux-TMP
dependency. This was verified by measuring permeate fluxes at various TMP values
in the range of AP € [0, 25] bar for pure water. At different TMP set points, permeate
fluxes were measured in the total recirculation (TR) mode, as described in Chap-
ter 1. An example of such measurement is shown in Fig. 4.2. According to eqn. 3.2,
steady-state values of permeate fluxes were averaged and divided by the membrane
area. In subsequent calculations, values of these permeate fluxes (more precisely flux

densities) were taken into account.
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Figure 4.2: Example of measurement of gp at different AP in time

For solutions containing various concentrations of lactose and sodium chloride, measure-
ments of the permeate flux at different TMPs were performed, similarly to the measure-
ment with pure water. Altogether, twenty-one different measurement were conducted
for concentration region shown in Fig. 4.3. Aside from pure NaCl or pure lactose
solutions, six distinct [c1, c2] combinations (yellow circles in Fig. 4.3) were distributed
by latin hypercube sampling [11] calculated by a dedicated MATLAB function. The over-
all variable domain regarding TMP values is depicted by a 3D-graph in Fig. 4.4. These

data series were also measured in the TR mode.
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In this work, all computations were performed using MATLAB 2017b. Model parame-
ters for three permeate flux models were firstly calculated using non-linear least-squares
data fitting functions in Optimization Toolbox. The resulting data fitting and sta-
tistical evaluations were performed via the ‘fit’ function in MATLAB. For dynamic

regression and for case study simulations, ‘ode15s’ and ‘ode45’ solvers were utilised.

4.3 Parameters Estimations

While equations 3.6 and 3.7 were directly utilised in regression to obtain the isobaric
model parameters for both LF and GLF models at AP = 20.2 bar, the empirical model
was implemented to model the Jp(c1, AP) behaviour. Equation 3.12 was the starting
point to find a new explicit form of such model. The analysis for proposal of the specific

form is illustrated in Fig. 4.5.
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Figure 4.5: Initial fitting of function Jp(cy)

As seen from initially fitted isoconcentration dependencies at higher lactose concen-

trations, the permeate flux does not equal zero as predicted by eqn. 3.12. Therefore,
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a modification of the equation was made to the form

(4.2)

AIL — AP
Jp(c1, AP) = Jpmaz(c1) (1 — exp ff(cl)) ,

Ry

with an additional parameter of the ‘effective’ osmotic pressure, Allg(cy), which could
be described as the osmotic pressure at bulk concentration ¢; or the TMP at which

the permeate flux is equal to zero.

Secondly, each isoconcentration series yielded respective values of parameters of
the maximum permeate flux (velocity), Jpmaqz(c1), the ‘effective’ osmotic pressure
Allg(cr) and the membrane resistance Rjys. Subsequently, suitable forms of lactose-
concentration functions of the first two parameters were chosen, which is described

further in Section 5.3.

4.4 Rejection Coefficients

The membrane solute-separation characteristics—rejection coefficients introduced
in 3.3.2—were also estimated to achieve highest possible fidelity of case study sim-
ulations. While the lactose rejection coefficient was assumed R; = 1' for simplicity,
the NaCl rejection was estimated by Dynamic Optimisation and static calculation

from three different measurements.

6.5

s 5 » data at AP = 20.2 bar .
' —— dynamic fit at AP = 20.2 bar

5.9 L L L L L L L L
0 5 10 15 20 25 30 35 40 45

t [min]

Figure 4.6: Dynamic fitting of the salt rejection coefficient, Ro

I Minimum rejection of lactose declared by the membrane manufacturer is R = 0.985 at ¢c; = 2g/L,
AP = 7.60bar and T' = 25°C.
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In the dynamic estimation, the rising sodium chloride concentration in time was fitted
via minimising the difference between the values measured in time and the values
integrated by the model ODEs 3.13. The modified parameter for finding the minimum
of the objective function was the rejection coefficient, Ry. Graphical illustration of
the dynamic fitting is depicted in Fig. 4.6 (oscillations of the concentration values
were caused by imperfect temperature regulation mentioned in the beginning of this
Chapter).

For static Ry estimations, equation (9.30) in [4], derived from the rejection coeffi-
cient definition 3.5 and the batch system micro-solute differential mass balance, was

rearranged to

f

In %
Ry = VQ'L'nit ) (43)
In 77
where ci" and cg are steady-state salt concentrations in the TR mode before and after

the filtration mode with no permeate recirculation, and V*** and V/ are respective
system volumes. This approach is illustrated in Fig. 4.7 for a measurement containing
lactose at AP = 23.6 bar.
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Figure 4.7: Static estimation of Ry with lactose present



CHAPTER 5

Results and Discussion

5.1 Osmotic Pressure Model — Pure Solvent Flux

According to eqn. 3.8, linearity of the osmotic pressure model was examined as
mentioned in 4.2. Steady-state permeate fluxes were plotted against respective averaged
TMP values. Various authors, for example in [1], use this approach to plot a linear

dependency

AP

Jp = LR (5.1)
with a slope MR% and membrane resistance, R,,, being a constant accordingly. In
Fig. 5.1, the measured data do not follow such dependency and tend to form a curve
instead of a straight line, indicating non-linear (limiting fluz) dependency. Use of the
R,, value from linear function 5.1 for further experimental calculations with AIT > 0
would be inadequate and might lead to major errors. Although observation of limiting
flux has frequently been reported [21], for pure solvent, this issue has been dealt by

fewer authors [18].
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Figure 5.1: Limiting permeate flux of pure solvent (water) versus TMP



Results and Discussion 21

5.2 Limiting Flux Models Fitting

Similarly to measurements with pure water, permeate fluxes of solute(s)-containing
solutions were recorded. Measurements in the domain shown in Fig. 4.4 gave the value

range of fluxes depicted in Fig. 5.2.
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0.8 —< lactose v
- lactose+NaCl oY
T 06 o NaCl B
‘i T
o 0.4
H
0.2 . | ‘ &
3 ¢ T
. = :

40
AP [Pa] : 05 . 80 o c1 [kg HI_B]

100

Figure 5.2: Permeate fluxes versus lactose concentration and TMP

To fit the GLF model 3.7, data series at a specific TMP value was used to estimate
the isobaric model parameters, as mentioned in 4.3. For these fits, only the data
with ¢; > 0 was used!. Fits for two different TMP data series are shown in Fig. 5.3.
Parameters at AP = 20.2 bar are listed in Table 5.1. It can be seen that along the
given range of NaCl concentrations, the flux is practically invariant for both surfaces
representing fits at two TMPs. Moreover, the v value in Table 5.1 falls within a 95%
confidence interval crossing zero, thus considering the co influence is redundant and

the GLF model unnecessary for modelling.

Table 5.1: Fitted model parameters for GLF and LF models at AP = 20.2bar

[ model | GLF \ LF \
k [m s (1.602 £0.193) x 1075 | (1.600 & 0.176) x 10~°
Clim [kg m™] 384.6 +113.0 384.4 + 106.2
v (1] (—5.2£163.9) x 1074 -
R? 0.9732 0.9732
RMSE 2.728 x 1077 2.602 x 1077
1For numerical reasons, values of ca = 0 in data series were substituted with the value of

10~% kg/m? in the GLF model 3.7 fitting.
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Figure 5.3: Fits of the GLF model at two different TMPs

As for the GLF fitting, the same data was used to obtain the LF model. The fits
were plotted in Fig. 5.4, each line indicating one fit at given TMP value. The model
parameters, fitted for this model at AP = 20.2 bar, are also listed in Table 5.1. Root-
mean-square errors (RMSE) for each of the both models are similar and coefficients of
determination (R?) achieve identical values, therefore use of the LF model instead of
the GLF model for further modelling is viable. Confidence interval of ¢;;,, suggests

a significant difference between subsequent modelling and experimental verification.
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Figure 5.4: Fits of the LF model at two different TMPs
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5.3 Empirical Model Fitting

As introduced in the previous chapter, empirical model function 4.2 was proposed
to examine direct pressure-dependency of the permeate flux. Thus, pure water and
isoconcentration (regarding lactose only) data series were subjected to further analysis,

S0 as to propose a complete form of the model.

5.3.1 Maximum Permeate Flux

In both the LF and GLF model, the limitation of flux at constant pressure is given by
rising concentration of macro-solute. The permeate flux, therefore, reaches the limit of
zero either when the mass transfer coefficient k approaches zero or when c¢; is close to
Clim?. On the other hand, the maximum permeate flux, Jp maz(c1), in the Jp(c1, AP)

dependency is solely a function of lactose concentration, as can be seen in Fig. 4.5.

In order to find the specific function Jpmaeq(c1), fitted values of Jp ey (red right-
pointing arrows in Fig. 4.5) for corresponding concentrations of lactose were plotted
against the ¢; values to obtain the plot in Fig. 5.5. The form of the Jp 44 (c1) function

was also proposed as [18]

1

, 5.2
Jo+Jjic (5:2)

JP,maz (01) =
where jo and j; are constant coefficients. This function, however, does not provide

a satisfactory fit for the data measured in this work, as shown in Fig. 5.5. Therefore,

an implicit function was suggested in the form of a quadratic equation
= aJIQ;’mMC + bJpmaz + €, (5.3)

with pressure- and concentration-independet coefficients a, b and ¢, which can be

rearranged into an explicit form

—b—/b?—4da(c— 1)

= (5.4)

JP,maz =
Only subtraction of the discriminant square root in the numerator gives a physically-
meaningful result. Values of coefficients obtained in this fashion are listed in Table 5.2.

Interestingly, the parameter ¢, corresponding to concentration which when attained

2Without simplifications accepted in 3.3.3.1, both k(c1) and ¢y, (c1) parameters are dependent
also on c1, hence they vary with rising cj.
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Figure 5.5: Fitting of function Jp a4z (c1)
(violet cross in Fig. 5.5) results in Jp,,qe = 0, is approximately equal to lactose
solubility?.

Table 5.2: Fitted coefficients for the parameter Jp j;m,(c1) of the empirical model

a kg s> m1] [ (1.205 4 0.357) x 10*2
b kg s m?] | (-2.938 & 0.509) x 107

c [kg m™) 177.2 £ 16.2
R? 0.9935
RMSE 2.2067 x 1077

5.3.2 Pressure at Zero Permeate Flux

Analogically, effective osmotic pressure values (blue upward-pointing arrows in Fig. 4.5)
versus lactose concentrations were plotted in Fig. 5.6. A simple fitting function was

proposed

Allg(cy) = dc3, (5.5)

3170.3g/L at 22°C according to [13]
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where d = (99.6 + 7.5) Pam® kg? is a coefficient also independent on pressure and con-

centration.
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Figure 5.6: Fitting of function All.g(cq)

5.3.3 Membrane Resistance

Finally, the third parameter of the empirical model 4.2 was estimated. Its value for
each fitted series in Fig. 4.5 was plotted in Fig. 5.7 versus the pertinent concentration.
This parameter may be considered constant for a given membrane, with its average

value for the fitting evaluated to be Ry; = 1.638 x 10° Pa.
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Figure 5.7: Membrane resistance Rj; versus lactose concentration c;
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5.3.4 Fitting of the Whole Model

The parameters fitted in the previous three sections were used as an estimate values
for the overall empirical parameters estimation. Fitted values of this estimation are
listed in Table 5.3. The data series used for fitting were the same as in 5.2. Combining

equations 4.2,5.4 and 5.5, the final complete form of the empirical model was obtained

JP<01,AP) = —

_ 2 _ _ 2 _
b b2 —4da(c—c1) (1 exp dey AP) . (5.6)

2a Ry

The surface of this function with the fitted parameters can be found in Fig. 5.8 (to be

compared with Fig. 5.2).

Table 5.3: Fitted coefficients for empirical model

| AP [bar] | [0.5, 25.2] \ 20.2 \
a[kgs2m1] [ (2.00+1.31) x 1072 | (0.91 £ 216.10) x 102
blkgsm? | (=3.75£1.39) x 107 | (—2.52 £ 297.9) x 107
c [kg m3] (170.5 + 34.3) (167.9 & 985.3)
d [Pa m® kg?] (74.4 + 33.0) (19.9 + 2703.0)
Ry [Pa] (1.00 £0.21) x 105 | (2.15 £ 419.25) x 106
R? 0.9466 0.9818
RMSE 3.9430 x 1077 2.5134 x 1077
x107°
8 —
—4 lactose ¢
74 lactose+NaCl y 4

6 | |fitted empirical model

2

1
c1 [kg m] 2 0 0 AP [Pa]

6

x10

Figure 5.8: Fitted empirical model compared with measured data
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Fitting at fixed AP = 20.2bar was also performed and resulting coefficients listed in
Table 5.3 were used for the case study simulation. Similarly to ¢y, in Tab. 5.1, these
values fall within a wide confidence interval, indicating a small size of data sample
relative to the number of fitted parameters. Comparison of LF and empirical models
fits at AP = 20.2 bar is illustrated in Fig. 5.9. Note that unlike by the former one,
permeate flux by the latter model drops to zero at ¢; = 167.9kgm™, which is the value
of ¢ coefficient in Tab. 5.3. This is considered in the subsequent optimisation with

respect to water consumption.

3 x10
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— — LF model fit
o
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0 C | | | | | | | | | |
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-3
cr [kg m]

Figure 5.9: Fitted empirical and LF models at AP = 20.2 bar

5.4 NaCl Rejection Coefficient Estimation

As discussed in Section 4.4, the lactose rejection coefficient, Ry, was assumed to be
equal to unity, while the sodium chloride rejection coefficient, Rs, was assumed to be

a constant greater than zero and was experimentally determined.

For solutions containing no lactose (¢; = 0), Re was estimated using both Dynamic
Optimisation and static computation, as shown in Fig. 4.6 and 4.7 respectively.
In the solution with non-zero concentration of lactose, the rejection coefficient was

estimated using static approach. Altogether, all values of Ry are presented in Table 5.4.

Although this data corresponded to the data provided by the membrane manufacturer®

for solutions containing no lactose, the rejection coefficient of sodium chloride for case

4Ry = 0.200 at ¢y = 2g/L, AP = 7.60bar and T = 25°C
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study simulations was eventually assumed Ry = 0. Note, that the rejection coefficient
in lactose solution (row 3 in Tab. 5.4) achieves only around 80% of the Ry value,
when no lactose is present. When lactose concentration more than twice as high
was used, an unexpected phenomenon of the negative rejection was observed in case
study measurements, as discussed in the next Section. To demonstrate the deviation
of the reality from simulation results caused by this phenomenon, the value of Ry was
further considered zero (i.e. no retention of the salt by the membrane), as typically

assumed by various authors for simplification [15].
Table 5.4: Calculated values of constant rejection coefficient, Ro

c1 [kgm™®] | Ry, | approach
0 0.2022 | dynamic
0 0.2046 static

[16.3,30.7] | 0.1663 static

5.5 Simulations and Experimental Operation

Having estimated coefficients of the LF model, optimality parameters for this model
were evaluated using equations 3.16. For the empirical model, however, the switching
lactose concentration cannot be obtained analytically, as discussed in Section 3.5.
Therefore, this value was calculated numerically from optimal conditions 3.14 applied
on model 5.6. Parameters for time-optimal control at AP = 20.2bar for the two

models are listed in Tab. 5.5.
Table 5.5: Optimal conditions for the LF and the empirical model

model | ¢f kg m™®] | o [1]
LF 141.4 1
79.6 1

empirical

To compare the LF and the empirical models, a case study was simulated and experi-
mentally verified for both models. A solution with initial lactose and sodium chloride
concentrations ¢i" = 50 g/L and ci** = 10g/L respectively was concentrated and
desalinated to final concentrations c{ =70g/L and cg = 3g/L. These concentrations
were chosen taking volume limitation® and constraints on concentrations® into account.
Simulations for the first two stages—C and CVD modes—are shown in Figures 5.10

and 5.11 for respective models.

5Section 4.1.2
6Time-optimal strategy consisting of three steps (C, CVD and D modes) on page 11
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Figure 5.11: Case study of the empirical model, C and CVD modes
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Comparison of overall filtration time, ¢y, and water consumption (during the CVD
mode), Voyp, of traditional (non-optimal) strategy and optimal strategies for both
models is shown in Table 5.6. While the traditional strategy consists of only two
operation steps—C (o = 0) and CVD (« = 1)—the time-optimal strategy comprises
also the D mode following overconcentration above desired concentration (as stated
in Section 3.5). Time and water consumption in the form of percentage of the tradi-
tional strategy is Aty and AVeoyp respectively. It can be seen that optimal control
for the empirical model achieved lower duration of the operation, though at more than
sixfold higher water consumption during the CVD mode compared to the LF model.
On the other hand, this water consumption is still lower than the consumption during

the traditional strategy.

Table 5.6: Comparison of non-optimal and optimal strategies for the two models

simulations experiment

« strategy a=10,1] a=10,1,00] || @a=][0,1,00]
model emp. LF emp. LF emp. LF
te [h] 1.12 | 1.15 1.58 | 3.14 1.46 | 3.16
tevp [h) 3.71 3.75 3.21 1.28 1.52 0.51
ty [h] 4.83 | 4.90 4.79 | 4.42 2.98 | 3.67
Vovp [L] 17.06 | 17.10 || 13.05 | 3.32 6.26 | 0.99
At %] 100 100 99.17 | 90.20 || 61.98 | 74.90
AVevp[%) 100 100 76.49 | 19.42 || 36.69 | 5.79

As for the water-consumption optimal strategy, only a simulation for the LF model
was executed with CVD at ¢ = 170.3kgm™ (lactose solubility at 22°C according
to [13] and Section 3.5) resulting in theoretical water consumption of Voyp = 1.85L
and total time of filtration ¢y = 4.46h. Comparable time result yet almost half
of the water consumption relative to the strategy simulated for time-optimal LF
diafiltration (column 5 in Table 5.6) both prove well-founded consideration of the water

consumption optimality.

The water-optimal Vp i, simulation for the LF model shown in Fig. 5.13, con-
siders the switching concentration ¢; = 170.3kgm™ being the lactose solubility,
i.e. the maximum real concentration. For the empirical model, however, the positive
values of the permeate flux are given by concentrations lower than the c¢ coefficient
(c=167.9kgm™). At the value of ¢, the permeate flux is limited to zero in accordance
with the empirical model 5.6 and Fig. 5.9. Noticeably, this strategy would lead to
infinite time of filtration for the empirical model with theoretically no switching point.
The water-optimal strategy was not experimentally verified for practical reasons, since

the switching concentration is in the area of maximum lactose solubility.
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Figure 5.12: Permeate fluxes during both experiments

As it can be seen in Fig. 5.13, a significant difference from the previous theory occurs,
as far as rejection of sodium chloride is concerned. Instead of rising of the co value
during the C phase, as it could be predicted by the process mass balance equations 3.13
with positive value of Ry from Table 5.4, the concentration of salt decreases indicating
negative value of rejection coeflicient. Although specific mechanism of the negative
rejection has not yet been sufficiently described, its presence has already been reported
by authors relating this phenomenon to systems of charged membranes (NF) and
single-charge ion electrolytes containing other components with high concentration
and rejection coefficient [22], similarly to the system containing lactose and sodium

chloride.

A possible explanation for not observing this in previous experiments, as indicated in
Section 5.4, could be the fact that the concentration of lactose during the case study
experiments was more than twice as high as the concentration during the Ry estima-
tions. To validate this assumption, further experiments at various range of lactose
concentrations should be performed. Using eqn. 4.3, the rejection coefficient values

during the case study filtrations are Ry = —0.1184 and Ry = —0.1864 respectively
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employing the empirical and the limiting flux models.
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Figure 5.13: Concentration trajectory during non-optimal, water-optimal and time-
optimal strategies for both experiments

A strong distinction between simulated and measured permeate flux in Fig. 5.10 is
caused by inefficient data fitting of the LF model (see the wide confidence interval of
the ¢, parameter in Table 5.1). Since the values of the two model parameters strongly
influence the permeate flux, the variation would be minimised by providing an extra
C mode experiment at same conditions as for the parameters estimation measurement.
This feature of the model is, on the contrary, also an advantage regarding the possibility
of an on-line parameter estimation. Furthermore, a smooth rise of the permeate flux
during both experiments in the CVD mode, when only the salt concentration decreases,
indicates a small yet non-negligible effect of the micro-solute on the permeate flux.
This trend was not observed before since no data measurement in the CVD mode was

provided.
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Conclusion

Modelling of the nanodiafiltration process was studied within the framework of mod-
elling approaches used in the literature up to date. Nevertheless, specific mechanism
(especially in such complex case of nanofiltration studied in this work) was not ex-
amined into particular depth. The membrane (considered as a black box) was thus
observed in measurements tracking the influence of solutes concentrations and trans-
membrane pressure as input independent variables on the permeate flux as the output

dependent variable.

For modelling of the permeate flux, two standard models were used—the limiting
flux model and the generalised limiting flux model. Parameters of these models were
estimated using non-linear least-squares regression of the mathematical models over
the measured data in MATLAB 2017b.

Moreover, a new model was derived from an already existing empirical one. Building of
this model constitutes a substantial part of this work. Coefficients of this model were
determined in two steps. Firstly, specific concentration-dependent partial parameters
of the model were analysed for the model design. Secondly, the coefficients of these
concentration dependencies were evaluated also using non-linear regression. Eventually,
a complete form of the empirical model was built with all coefficients established

together in the second step.

Subsequently, parameters for optimal strategy were evaluated from related optimal-
ity conditions for the limiting flux model. For the empirical model, time-optimal
parameters were determined numerically. The third model was excluded from the time-
optimality inspection for its redundant micro-solute influence description. The two

selected models were further examined in a case study.

In the case study, a solution containing lactose and sodium chloride was concentrated
with respect to the sugar and diluted with respect to the salt. For both tested
models of the permeate flux, the diafiltration strategy consisted of three following
steps—concentration, constant-volume diafiltration and dilution. The optimality con-
ditions of the case study were evaluated in accordance with appropriate equations.
The traditional strategy consisting only of C and CVD modes was simulated and com-

pared to the time-optimal one within each model. The comparison exhibited apparent
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benefits in terms of both duration of the operation and water consumption.

Moreover, an experimental verification was executed to compare the time-optimal
strategies proposed by the two models. While the strategy proposed for the limiting flux
model showed lower water consumption during the experiment, the empirical model
strategy provided shorter time of the overall process. Nevertheless, even the strategy
based on the empirical model dominated over the traditional one also in terms of

water consumption.

In order to investigate the optimal strategy for minimising water consumption, a sim-
ulation was made for the limiting flux model. It showed that, theoretically, this
approach is comparably time-efficient to the time-optimal strategy, reducing water
consumption almost by half. It was shown that for the empirical model, the solvent
minimising condition would lead to infinitely long operation. For further analysis of
the optimal strategies based on the economic balance, optimisation of the total profit

of the process would be vital for evaluating its industrial viability.

During the case study measurements, the most significant variation of simulation from
reality was observed in the constant-volume diafiltration mode for both models. This
was caused by a strong difference in the real rejection coefficient value, leading to
a notable decline in the sodium chloride concentration already during the concentration
mode. Even though this phenomenon might act favourably for the overall process
time minimisation, it introduced an error of the time estimation of more than 50% in
the CVD mode for both models assuming no rejection of the salt by the membrane.
This assumption is common within modelling of membrane processes other than
nanofiltration. Based on this outcome, it was demonstrated that for modelling
of the nanofiltration process, taking this effect into account is necessary. Observation
of negative salt rejection was, however, not expected and would require further research

of possible causes and scope.

Comparing the two permeate flux models, the main advantage of the empirical model
over the limiting flux model is the possibility to use it directly for simulations, in which
pressure-dependency of the permeate flux needs to be established. Such approach may
be helpful e.g. in simulations of processes with considerable fouling, where constant
performance of the permeate flux is required to be maintained by a continuous pressure

profile change.

On the other hand, the limiting flux model benefits from its notable simplicity (two

constant parameters) and could be used also for on-line parameters estimation of
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processes with the optimal strategy evaluation in situ at constant pressure. Both
parameters of this model are, however, assumed constant at given concentration range
and at constant transmembrane pressure. This approach proved to be effective in
the case study, with the parameters of this model, similarly to the empirical model
parameters, developed in form more complex concentration- or flux-regime-functions

in the literature.

A major drawback of both models is neglecting of the effect of other solutes, for
example sodium chloride. This disadvantage was exhibited during the CVD regime
of both models, when the decreasing salt concentration correlated with increasing
permeate flux. This suggests their reliable use only in cases of low micro-solute
concentrations, where the influence of other solutes on the permeate flux is indeed
negligible. For detailed clarification of the micro-solute influence, experiments with

larger sodium chloride concentrations should be done in non-recirculation configuration.

Furthermore, the impact of temperature was not studied in this work. This limits
the estimated parameters (or the parameter estimation approach) only to a constant-
temperature process. The effect of temperature on the model parameters should be
investigated in further measurements at different thereof, expanding the proposed
concentration- and pressure-dependent models also to a temperature-dependent one.
For processes experiencing a temperature-changing profile, e.g. in fouling compensation

via increasing temperature, this approach might prove useful.



CHAPTER 7

Resumé

Membranové separacné procesy, zalozené na rozdelovani zloziek tekutych zmesi selek-
tivnym transportom cez membranu, su jednym z najmodernejSich a najefektivnejsich
sposobov separacie v sucasnosti. V poslednej dobe nachadzaji svoje uplatnenie
Coraz viac v preduprave vody, v spracovani odpadovych vdd, v regeneracidch organic-
kych rozpuastadiel chemickej vyroby, v potravinarskom a farmaceutickom priemysle
pri spracovavani tepelne labilnych latok, ale aj v biochemickom priemysle v hybridnych

systémoch.

Do jednej zo spomenutych oblasti vyuzitia membran—potravinarsky priemysel, patri
aj spracovanie mlieka resp. srvatky. Ta je totiz bohatym prirodnym zdrojom laktézy,
ktora je pre svoje vhodné vlastnosti nachddza vyuzivana v inych priemyselnych
odvetviach, najmé v pekarenskom a farmaceutickom priemysle. Spracovanie srvatky
pri vyrobe laktézy sa mnohokrat nezaobide bez membranového zakoncentrovania
a parcidlnej demineralizacie surového roztoku, na ¢o je vyhodnym rieSenim pouzitie
nanofiltracie ako jedného z najnovsie sa rozvijajucich druhov tlakovych membranovych
procesov. Diafiltraciou ako sekvenciou viacerych operacii mozno teda zakoncentrovat
makrozlozku a nésledne znizit koncentraciu mikrozlozky premyvanim roztoku ¢istym
rozpustadlom. Co najaspornejsi rezim takéhoto procesu je z ekonomického hladiska
nutné zabezpecit najmé optimalizaciou celkového casu filtracie a mnozstva Cistého

rozpustadla pouzitého na premyvanie.

Nanofiltra¢né laboratérna stanica, ktorej schéma je na Obrazku 4.1, bola pri tejto préaci
pouzita na experimentalne urcovanie parametrov matematického modelu nanofiltracie
s diafiltra¢nym zakoncentrovavanim a premyvanim, pricom ako roztok na zakoncen-
trovanie bol pouzity vodny roztok laktozy s chloridom sodnym ako zlozkou na vymytie
zo zmesi. Pri matematickom modelovani procesu boli zohladnené celkovo tri rézne
modely toku permedtu (priudu prechidzajticeho cez membranu) ako funkcie koncen-
trécie lakt6zy a cezmembranového tlaku. Tradiény model limitujiceho toku (zndmy
tiez ako gélovy model) 3.6 s jeho rozsirenim na vplyv koncentrécie soli—modelom
vo vSeobecnom tvare 3.7, boli fitované na nameranych tidajoch pre cezmembranovy

tlak AP = 20.2 bar—vypocitané parametre modelov st uvedené v Tabulke 5.1.

Tretim modelom toku permeatu bol empiricky navrhnuty model 5.6 vychadzajici z ex-
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ponencidlneho empirického modelu v préci [18] pri zanedbatelnom zandsani membrany.
Névrh parametrov tohto modelu vo forme koncentra¢nych zévislosti bol vykonany pos-
tupnou grafickou analyzou a nelinedrnou regresiou na zaklade experimentov merania
toku permedtu pri réznych cezmembranovych tlakoch pre roztoky s réznymi koncen-
traciami laktozy a soli. Celkovy tvar empirického modelu bol urceny z ¢iastkovych
parametrov. Nelinedrnou regresiou sa nakoniec znova urcili koeficienty jednotlivych
parametrov empirického modelu uréeného vo forme explicitnej funkcie koncentracie

laktozy a cezmembranového tlaku. Hodnoty koeficientov st uvedené v Tabulke 5.3.

Dolezitou premennou pri modelovani celkového procesu vo forme ststavy obycajnych
diferencidlnych rovnic 3.13 je tzv. zadrZiavacia schopnost membrany (tiez rejekéng
alebo odporovy koeficient) definovand vztahom 3.5. Zatial ¢o pre laktézu bola uvazovana
absolitna zddrz membrénou (R; = 1), pre mikrozlozku—sol, bola vypodéitand z troch
roznych experimentov (uvedené hodnoty v Tabulke 5.4). Pri experimentdlnom overeni
pripadovej studie sa vsak zistilo, Zze koncentracia laktézy vyssia ako pri experimen-
talnom zistovani samotnej hodnoty zadrze sposobuje fenomén zdpornej zddrze, ako
o tom informuje praca [22]. Pre ucely simuldcie procesu v pripadovej $tudii bola
preto uvazovand hodnota zadrziavacej schopnosti membrany pre sol nulova, aby sa
demonstrovala vyrazna odchylka spésobend bezne prijimanym zjednodusenim, Ro = 0,

ktoré je teda pre dany pripad nanofiltracie neprijatelné.

Na navrh casovo optimalnej prevadzky membranového procesu boli pouzité kriteridlne
vztahy 3.14 a 3.15 odvodené v préaci [15]. Z vypoéitanych parametrov modelu limi-
tujiceho toku a empirického modelu boli pre tieto modely nasledne urcené hodnoty
veli¢in riadiacich optimalnu prevadzku uvedené v Tabulke 5.5. Zovseobecneny pola-
riza¢ny model do optimalizicie zahrnuty nebol, pretoze vplyv soli na tok permeatu

v danom koncentrac¢nom rozsahu sa v meraniach ukazal ako zanedbatelny.

Optimélne podmienky prevadzky boli nasledne otestované na pripadovej studii sledu-
jucej rozdielny pristup k optiméalnej prevadzke procesu na zaklade rozdielnych modelov.
Tato studia bola jednak simulovana a nésledne aj experimentalne overend, pricom
sa sledovalo zakoncentrovanie laktézy z 50 g/L na 70 g/L a zniZenie koncentracie soli
z 10g/L na 3 g/L. Casovo optimalna stratégia pre tento pripad diafiltracie pozostava
z troch krokov—prekoncentréacie laktézy, diafiltracie pri konstantnom objeme v sys-
téme na pozadovany pomer konecnych koncentracii jednotlivych zloziek a nasledného

zriedenia zmesi urc¢itym mnozstvom ¢istého rozpustadla.

Simulécie optimdlnych stratégii v pripadovej studii ukézali pozitivny vplyv ¢asovej op-
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timalizacie oproti beznej stratégii pozostavajicej len z dvoch krokov—zakoncentrovania
lakt6zy na pozadovani hodnotu a diafiltrdcie pri konstantnom objeme na pozadované
koncentracie oboch zloziek. Grafické porovnanie simulécii pre jednotlivé trajektorie
koncentracii st zhrnuté graficky na Obrazku 5.13. Na tomto obrazku teda tiez vidno
spomenuty pokles koncentracie soli vplyvom zdporného odporového koeficienta, ktory
bol pre filtraciu podla modelu limitujiceho toku vypocitany na hodnotu Ry = —0.1864,
zatial ¢o pre empiricky model Ry = —0.1184. Dokladnejsiemu preskiimaniu zdpornej
zddrze membranou by bolo nutné venovat experimenty sledujtice napriklad vplyv

koncentracie laktézy na tito hodnotu.

Porovnanie simulacii s experimentalnymi vysledkami pripadovej stidie je zase mozné
vidiet na Obrazku 5.10 pre model limitujiceho toku a na Obrazku 5.11 pre empiricky
model. Z tychto porovnani vidno tiez odchylku v oboch modeloch pre popis toku
permeatu pocas premyvacieho rezimu, ¢o naznacuje vplyv mikrozlozky, ktori ani jeden
z modelov nezohladnuje, kedze oba modely boli uréené z merani pre ustalené hodnoty
toku permeatu. Zaroven sa ukazala prevadzka filtracie podla empirického modelu
ako rychlejsia v porovnani s filtraciou podla modelu limitujiceho toku, ako vidno
na Obrazku 5.12. Tento model vsak na druhej strane dominoval oproti empirickému
modelu mensim mnozstvom spotrebovanej vody ako rozpustadla pocas diafiltra¢ného
rezimu. Oproti simulédcii tradi¢nych stratégii pre oba modely, obe stratégie navrhnuté
pre optimalizaciu doby prevadzky sa ukazali ako vyhodné z pohladu jednak celkového

casu filtracie aj spotreby vody.

Zhodnotenie optimalizacie procesu podla minimalizacie spotreby rozpustadla neprinieslo
porovnatelné zavery. Kym v pripade modelu limitujiceho toku prepinacia koncentracia
laktozy je prakticky limitovand jedine rozpustnosfou laktézy, simulovana optimélna
prevadzka podla spotreby vody je znacne vyhodnejsia a porovnatelne dlha ako v pri-
pade optimalizacie podla ¢asu. Na druhej strane optimalizaciu spotreby vody v pripade
empirického modelu nebolo mozné zhodnotit, kedze pri prepinacej koncentrécii o nieco
mensej ako rozpustnost laktézy sa tok permedtu blizi k nule a takato prevadzka by

viedla k nekonecne dlhému procesu.

Pre dalsie moznosti studia z hladiska modelovania nanofiltra¢ného procesu by mohlo
byt vhodné najmé detailnejsie postidenie vplyvu mikrozlozky v porovnatelnom koncen-
tracnom pomere k makrozlozke, vplyv teploty na parametre jednotlivych modelov, ale
tiez detailnejSie vysetrenie zapornej rejekcie mikrozlozky membranou. K celkovej opti-
malizacii procesu by prispelo posidenie optiméalnej prevadzky z hladiska optimalizacie

na baze celkovej ekonomickej bilancie prevadzky.
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